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1. Biorefinery Conve rsion Technology Overview

This project investigates the conversion technologies for liquid biofuel s that are currently
available , and the technologies under development that are far enough along the
development path to potentially be available on a commer cial basis in the near and mid -
term strategic assessment (circa 2020) time frame . It builds on previous work that Antares
performed for the Western Governors Association in a Strategic Assessment of Bioenergy
Development (Antares , 2008). This report offer s new material on conversion technologies in
the pipeline that have made recent gains in terms of progress and investment, aswellas an
update of previous work. Five new technologies are added to the technology reviews and to
the library of conversion mod els. E ach of the previous technology reviews and models are
updated, particularly with regard to capital and operating cost data.

Due to the complexity of biofuel conversion technologies , there is no simple equation t o]
describe production costs and proc essyields. Spreadsheet models were developed to
calculate the costs and yields for selected technologies based on key variables: feedstock
type, conversion option and facility size. ' The technology models used in the assessment
were chosen to be represe ntative of the types of biofuel  production processes that
the assessment team believes can be commercialized in the mid -term . They are not
endorsements of any specific technology and the assessment team believes that the actual
plant configurations built w ill likely incorporate features that could not be foreseen in this
study. The technology choices for detailed analysis and modeling were based on the
relative benefits and challenges for each conversion process , status of the technology , and
availability of published engineering data. To have a significant presence in future markets,
competing technologies will need to have similar or better yields and similar or lower
production costs than the representative technologies evaluated in this report.

Technology Analysis Scope and Framework

Fifteen biofuel conversion technologies are evaluated in this report. The sheer number
of technologies under development suggests a high level of interest and diversity of

approaches being taken to commercialize biofuel s. Brief explanations and process

descriptions for each of these conversion technologies are given in Table 1. The size range
gives potential fa cility sizes expected in the 2020 time frame. Reference name abbreviations
are also incl uded in this table. For each of the current and mid -term conversion processes

a technical description of the process, a cost and performance analysis and a short
discussion of the outlook for the technology are provided.

This report focuses on technol ogies that convert solid biomass into liquid fuels, as these
form the basis for the assessment and are most likely to be available in the 2015 to 2025
time period. Technologies that are already moving beyond the pilot phase into the
demonstration stage no  w are designated as near  -term. Those moving into demonstration in
the 2015 to 2025 ar ¢ eclnmgsds eadndast hfonsied | i kel y to become a
endofthemid -term (2025 or thereafter) wil!/l be called fl ong

! Some of the technologies have different process options that can affect the yield and performance of the
conversion. For example, renewable diesel can be generated via stand -alone or co -processing conditions, and
lignocellulosic ethanol  production has several pretreatment process options.




Table 17

Current and Advanced Biofuel Conversion Technologies

Size Modeled in
Reference Name (Feedstock Conversion Range* this
Product-Process) Acronym Feedstock Technology Fuel Type (MGY) Report?  Description
Current Representative Technologies
. . Dry milling process - grains are ground
. . rain Enzymati . >
Grain to Ethanol - Dry Mill GEt-DM g a ;/ E ymat c Ethanol 5to 100 Yes into a flour, and the starch is converted
tarches ermentation sugar and then fermented to ethanol.
. . Wet milling process - grain separated in|
. . rain ration an :
Grain to Ethanol - Wet Mill GEt-WM gta ; ! ?epa attot. and Ethanol 50 to 300 Yes components and starch is yeast ferment
arches ermentation and distilled.
: Vegetable oils and fats are filtered and
Fatty Acid to Methyl Ester FAME \S/ifef;(:e(())l:lé | |Esterification Methyl 1to 80 Yes converted via base catalyzed
ty Yy . Esters Transesterification, producing biodiesel
Animal Fats and glycerin which must be separated.
Sugar to Ethanol Fermentation [SEt-F Sugars Fermentation Ethanol 5to 100 No ::3?;;:22?;212 Zl:g:l:::r;f; : r:§| miled
New Technologies Projected to be in Use by 2015 to 2025
Cellulose and hemicellulose converted {

. . R : : : sugars via hydrolysis. Various options f
hlggoﬁe”m/(?lcs to Ethanol LCEL-H/E LIgrleC&llulOSl Eydrolysls. and Ethanol 20 to 100+ Yes hemicellulose conversion (pretreatment

ydrolysis/Fermentation ¢ Biomass ermentation Conversion of sugars to alcohol via

fermentation.

. . : . . e Gasification to produce syngas, which id
(I;gnpfcellylo/s;cs to Ethé.mm LCEt-G/F ngpocellulog l(:3a3|f|cat|qn and Ethanol 50 to 100+ No then conditioned and compressed. The

asification/Fermentation ¢ Biomass ermentation compressed gas is fermented to ethano,

Gasification to produce syngas, which ig
Lignocellulosics to Middle Lignocellulosi Gasification and Middle :::: Cl:jgfi:m::;:u'ecd- Tn?ﬁed?a(r:esg

e , LCMD-G/FT |72 Fischer Tropsch| Distillates, | 5 to 100+ Yes en undergoes C Syntnesis

Distillates - Fischer Tropsch c Biomass -1op S with Co catalyst to maximize diesel
Synthesis Gasoline fraction). The product is separated and
upgraded.

. . . . . |Gasification and . Syngas production via biomass
cgnacellulosies to Mixed Alcohol, cma-arre |LIIOCeNIOs irnermochemicall 110 | 1510100+ | Yes |gasiicaton, fllowed by catalyte

asification/Thermocatalysis ¢ Biomass Conversion cohols conversion to mixed alcohols.

Anaerobic digestion of biomass with

. . : . . . . methanogenic inhibition followed by
:slgnoc.e”l;:_cl)scljcs to MD.(Ed Alcohol LCMA-D/H ngnOCEI|U|OSI El?jestlon/ . A'I\/llxl‘(ledl 30+ No evaporation and fermentation. Produceg

igestion/Hydrogenation ¢ Biomass ydrogenation cohols mixture of alcohols, carboxylic acids,

ketones, and Biofuels.
Pyrolysis then Bio-oil Bi ) bio-oil via

. . . . . . y -0ll, iomass conversion to bio-oil via fast
I;gntl)ce_llzl_{osc;cstto (t3_asol|ne LCGa-P/H ngnocellulom f]:oc?rcices;slng \tn/c Diesel, 5 to 100+ Yes pyrolysis, co-processing with fossil fuels

yrolysis/Hydrotreating C Biomass ydrotreatmen Gasoline petroleum refinery.

hydrocracking

. . Thermochemical i i i
Lignacellulosics to Butanol - Lignocellulosi Coive(r)scioi orca N-butanol Ptre”es;gcli bltq?;'as(s Iif?mel;terdﬁm t‘I'Y0

. . _ - y steps jostridia (n-butanol) oie. coli

Hydrolysis/Fermentation LCBu-H/F ¢ Biomass Multistage Iso-butanol 5to 100 Yes (iso-butanol), or partially fermented and
Fermentation then hydrogenated.
Hot Water Extraction and autohydrolysis of

Hemicellulose to Ethanol: Pulp a Hard- and Soft|Extraction hemicellulose from chipped, debarked

. HCEt-H/F . Ethanol 4to 1l Y ; !

Paper Application CEtHI woods Hydrolysis and thano 016 es pulpwood; fermentation to produce
Fermentation ethanol.

] ] ) Manures,Food _. . Biorefinery Anaerobic digestig_n of biomass or
High Moisture Biomass: HMB-CHP |wastes Digestion or Methane, Heat and No hydrothermal gasification followed by
Biorefinery Heat and Power iosl d’ Gasification Syngas purification processes to produce a cleaj

Biosludges Power gaseous fuel for Biorefinery CHP.
. . . . |BLMD-G/FT . I - ificati i
Black Liquor Conversion to Middl "|Pulp Mill Gasification and| FT Liquids, Gasification of black liquor to form syng
Distill DME BLDME- B d Th vsi DME 20 to 65 Yes then either catalytic synthesis to FT Mid
istillates or G/TC yproducts ermocatalysis distillates or to DME.
Methyl
- . e L. Esters or Pressing to remove oil, and esterificatio]
Algae to Biodiesel (Methyl Ester)]ARD or AME [Microalgae |Esterification Renewable 5to 100 No hydrotreating to form long-chain fuels.
Diesel
Seed ojl/ |0l Extraction Bi i jon to diesel and
. . . iomass oils conversion to diesel and of
Eatéy Acids to Dleé,el Fugl_- | FADe-H Waste Oils / then coprocessir ReDn_ewaible 5 to 200 Yes hydracarbons via hydrotreating method
ydrotreatment (Green Diesel) Animal Eats |V"@ iese in petroleum refinery

hydrotreatment

There is no guarantee that early demonstrations will be successful or that technologies

that appear to be in early phases of development w
expected. Furt her, other conversion technologies and fuels that do not strictly meet the
product or timeline constraints of this assessment could potentially be incorporated in the

ill no t make a breakthrough earlier than




transportation market in the future. For example, there is a potential for the use of
compressed biogas as an alternative to natural gas for buses or specialized fleets. Biogas

can be generated from manure and wastes via anaerobic digestion, and is also a by -product
from landfills that can be harnessed for energy. This technology is describ ed in this report
but focusing primarily on how it might provide heat and power services to biorefinery

operations to produce liquid biofuel s.

Conversion Technology Mode

Conversion technology models were developed to provide the analytical means to
pro ject to the mid -term the cost and performance of the selected technologies for the
feedstock types available and the facility size. The models are used to optimize the location
and technology choices in a GIS -based analysis for siting biorefineries . Itis part of a larger
model of the biorefining industry being developed for DOE called the Geospatial biorefinery
Siting Model (  GBSM). These technology models are based on data available from published
studies. An overview of the major assumptions and methodolo gy that apply to the models
is given here for reference. Some of the limitations of the models are also discussed.

In some cases, in consultation with the overall assessment team, some technologies
were not provided with cost performance models. The bas ic standard for selection of
representative technology models was that the engineering analysis for the commercial
scale technology was reported in detail, publicly available and peer reviewed 2. Modeling
based on this standard provides reasonable confidenc e in the projected cost and
performance for modeling Bioenergy industry development in the United States. Studies
that relied on goals for estimating process efficiency, rather than engineering process data
analysis based on lab and better pilot plant oper ational experience, were considered to be
more speculative and not as useful in gauging what might be realistically accomplished by
the biofuel s industry in the mid  -term timeframe.

In general, the key input variables for each model are the feedstock input type and
guantity. Key outputs are biofuel vyield, capital and O&M costs, and by - product quantity and
value. Levelized non -feedstock production costs are also calculated from the key outputs
and economic factors described below.

Some of the overall sta  ndards for reporting are as follows:

o All reported cost values are given in U.S. 2008 dollars  unless otherwise noted. Price
conversions from other years were performed using the Chemical Engineering Plant
Cost Index (CEPCI) and standard relations.

o Models f or current commercial grain ethanol and FAME biodiesel production
technologies are based on current cost and performance data from operating
facilities. These technologies are already well developed. No projections of future
incremental improvements were made for this report.

0o Advanced technologies models are based on detailed engineering cost and
performance projections available in the literature. The projected costs are typically
estimates for the n ™ plant, with accuracy in the range of +/ - 25% to 30%.

2 |t must be noted that the lignocellulosic butanol model is an exception to this rule, due to its many
similarities with LCEt -HF. Here, data from engineering studies of a proven corn butanol production plant were
combined with detailed engineering studies of a lignocellulosic feed pretreatment for ethanol fermentation. The
data comes from two engineering analysis sources, which made it possible to build a hybrid model.




o All cost and performance models for the advanced technologies include projections
forthe 2015 - 2025 ( A mit ¢ r mo ) framé mModels of other time periods were also
included for technologies that had additional projections available. 3

o The production co st uses a Fixed Charge Rate (FCR)  * of 12.3%, calculated based on
an economic lifetime  of 25 years and a weighted cost of capital of 9.7%.

Although efforts were made to perform a comparable analysis of each technology, it was
not possible to make the same assumptions for each model, since these models are based
on data from published studies with varying levels of detail. This can be particularly
significant for items that have highly fluctuating market values. For example, electricity
costs and fuel pri  ces have increased sharply over the past few years. Where possible, these
increased costs have been accounted for by directly substituting current values into
calculation of these operational costs. However, in some studies there is not sufficient
detail on process power consumption to make this substitution. In these cases the utility
costs may be underestimated. In order to make the assumptions for each analysis as
transparent as possible, as much detail as practical is included in the report regardin g the
estimations and calculations for each model.

Biofuel Conversion Technology Development Perspectives

While this report carefully avoids making declarations about which technology is most
likely to succeed, we have characterized the state of develop ment and investment for each
technology in the body of the report. In this section, we compare performance and cost
attributes at a high level as a perspective on where technology development is headed. In
theUS. ,t he fAcurrent 0 mot o rterrhswktdtal derhancihgasolimee A i n tableis
presented in Table 2, comparing some of the yield characteristics of the technologies
evaluated in this report that produce gasoline substitutes . Grain e thanol facilities have
improved yields over the years. On an energy throughput basis they rank at the top. That is
largely because nature has done the first -stage processing, concentrating starches in the
grain kernels. Those feedstocks usually cost more ($/ton delivered) and in certain conditions
could compete with food demands. Lignocellulosic Biorefineries (LCB) range in conversion
efficiency (expressed as a % on an HHV basis) from the low 30s to the mid 40s. The higher
end can be achieved by either the advanced hydrolysis and ferment ation technologies or the
gasification and alcohol synthesis technologies, so that both have good promise for energy
conversion. However, the thermochemical route as modeled in this work produces ethanol
and other alcohol fuels. Those other alcohol fuels m ust be counted as energy carriers to
attain the high efficiencies projected. Obtaining market outlets for the co -products is
essential to economic success for the thermochemical plant. Obviously, higher catalyst
specificity for ethanol production can also enhance biofuel output if overall yields are not
sacrificed . This is clearly an area of research that will benefit those technologies.

Despite the higher heat content of the fuel product, the conversion efficiency to
biobutanol ranks near the bottom for LCBs as modeled in this study. Increasing yields for
biobutanol will be essential research to improve the competitive position of this biofuel.

% For example, lignocellulosic et hanol production is modeled for 3 time periods T near term (2010), mid term
(2015), and long term (2025+).

4 FCR is defined as the annual amortized cost of an item divided by the total cost of that item over its lifetime.
It is a measure of the aggressive ness of a payback schedule. 12.3% was chosen as a conservative estimate of this
parameter.




The conversion efficiency for hemicellulose extraction at a pulping facility is very high
but the process uses  a smaller fraction of the incoming feedstock matter for fuel production
and therefore the basis for calculating yields (hemicellulose input only) is not the same as
the other technologies. The cellulose and lignin fractions of the feedstock are co
produced in comparable quantities and the success of that technology will depend on
markets for all the products created or internal use of the lignin for energy production.

Table 2 1 Yield Comparison for Selected Technologies

-products

. . Yield Mixed | Conversion to

Technology Feedstock Yield Ethanol | Yield Butanol Alcohols Fuel

(gal/dry ton) | (gal/dry ton) | (gal/dry ton) % HHV
Biomass Conversion Technologies - Gasoline Substitutes Production

Grain Ethanol Corn-Wet Mill 89.3 56.8%
Corn-Dry Mill 100 63.6%
Lignocellulosics Corn Stover 70.0 37.2%
Conversion to Wheat Straw 76.9 34.2%
Ethanol (Near term|  switchgrass 80.9 35.0%
dilute acid) Poplar 76.8 35.9%
Pine 69.3 37.2%
Lignocellulosics Corn Stover 80.6 41.3%
Conversion to Wheat Straw 76.8 37.9%
Ethanol (Mid term Switchgrass 77.4 38.7%
dilute acid) Poplar 85.9 40.1%
Pine 90.2 41.5%
Lignocellulosics Corn Stover 86.0 44.4%
Conversion to Wheat Straw 82.0 40.5%
Ethanol (Long term|  switchgrass 82.6 41.3%
LHW) Poplar 91.9 42.9%
Pine 96.4 44.3%
Lignocellulosics to |  Corn Stover 75.8 12.8 46.5%
Ethanol Wheat Straw 78.7 13.3 46.5%
(Thermochemical) | switchgrass 77.8 13.1 46.5%
Poplar 83.4 14.1 46.5%
Pine 84.6 14.3 46.5%
Hemicellulose Spruce 135 65.9%
Extraction (Kraft Silver Birch 133 65.9%
Pulp Mill) and Eucalyptus 125 65.9%
Ethanol Production Scots Pine 110 65.9%
Lignocellulosics Switchgrass 1.18 48.5 30.8%
Conversion to Hybrid Poplar 1.24 51.9 30.7%
Butanol Pine 1.32 55.0 32.1%
Mixed Paper 1.22 51.3 33.3%
Wheat Straw 1.16 56.5 35.4%

From a capital investment perspective (

Table 3), grain ethanol production also has an

advantage of lower capital investment per unit capacity output ($/gal/year). Again, grain

ethanol facilities benefit from a feedstock that is readily converted to fermentable sugars.
For the LCB technologies, the initial step of breaking down cellulose and hemicellulose to
fermentable sugars along with other process requirements can double or even triple the

plant capital cost compared to grain ethanol for a comparable production capacity.
Combining this high cost with the risk of introducing new technology, it is easy to see why

these plants are only being built in the U.S. with government cost share and only at
demonstration scales. The project ed investment required for the advanced lignocellulosic
technology does match the cost for a grain wet mill (the more complex process for grain




risk from this perspective.

Table 3 7T Cost Attributes for Conversion Technologies

ethanol) but remains well above the investment cost for a dry mill. Dry mills represent a
much lower investment

Plant Plant Feeﬁzgck Fee’\ézrt](;ck Non- Totlal Total Capital
Feedstock . . . Feedstock Capital Investment

Technology Feedstock Demand Capacity | Production | Production O&M Cost | Investment 1)

Cost Cost
Dry tons/yr MGY ($/gal) ($/MMBtu) ($/gal) ($/(gallyr)) | ($/ton feed)
Biomass Conversion Technologies

Lignocellulosics Switchgrass 1,000,000 485] $ 1.40| $ 13.36] $ 0.37] $ 6.34| $ 308
Conversion to Butanol | Hybrid Poplar 1,000,000 51.9| $ 1.23] $ 11.74] $ 0.37] $ 6.09] $ 316
Pine 1,000,000 55.0| $ 1.15) $ 10.98] $ 0.37] $ 5851 $ 322
Mixed Paper 1,000,000 51.3] $ 1.23] $ 11.74] $ 0.37] $ 6.14] $ 315
Wheat Straw 1,000,000 56.5] $ 1141 ¢ 1088 $ 037] g 573] s 324
Lignocellulosics Corn Stover 1,000,000 80.6] $ 0.65| $ 7.70] $ 0.19] $ 3781 $ 305
Conversion to Ethanol | \wheat Straw 1,000,000 76.8| $ 0.66| $ 786 $ 019] s 382 s 293
(Biochgmical; Midterm Switchgrass 1,000,000 77.4] $ 0.66] $ 7.86] $ 0.19] $ 381 % 295
dilute acid) Poplar 1,000,000 85.9] $ 0.65| $ 770l 3 019] 374| s 321
Pine 1,000,000 90.2] $ 064 $ 765 $ 019 3 370 $ 334
Lignocellulosics Corn Stover 1,000,000 81.6| $ 0.61] $ 722] $ 0.27] $ 280 $ 241
Conversion to Ethanol | \wheat Straw 1,000,000 82.0| $ 061 $ 726 $ 027 $ 282]$ 232
(Biochemical; Long term Switchgrass 1,000,000 82.6| $ 0.61] $ 7.26] $ 0.27] $ 2821 % 233
LHW) Poplar 1,000,000 91.9| $ 061 $ 722l s 027] $ 276 | $ 254
Pine 1,000,000 96.4] $ 0.60] $ 718 $ 027 g 273 $ 264
Lignocellulosics to Corn Stover 1,000,000 75.8] $ 1.05 $ 12.47] $ 0.57] $ 392] % 297
Ethanol Wheat Straw 1,000,000 78.7] $ 1.02l $ 1214 $  056| $ 377 $ 297
(Thermochemical) Switchgrass 1,000,000 778 $ 103l 3 1224 $ o056 $ 382 s 297
Poplar 1,000,000 93.4] $ 098] $ 1168 $ 054 $ 356 | $ 297
Pine 1,000,000 84.6] $ 097] $ 1157} $ 054 g 351 $ 297
Hemicellulose Spruce 1,000,000 59| 374 $ 4456 $  306] $ 556 | $ 768
Extraction (Kraft Pulp Silver Birch 1,000,000 6.3] $ 3641 $ 4332 s 297]s 545| $ 749
Mill) and Ethanol Eucalyptus 1,000,000 38ls a93]s s87ils a03ls  63als 839
Production Scots Pine 1,000,000 56l s 392]$ 46650 s 323|s 565| $ 651
Grain Ethanol Corn-Wet Mill 1,000,000 89.3| $ 025] $ 295 $ (0.07)] $ 262 % 234
Corn-Dry Mill 1,000,000 100.0] $ 036 $ 4241 ¢ o0.11] $ 198 $ 198

1) In the hemicellulose extraction case, total capital investment is stated per ton of hemicellulose feedstock, which is a derivative of the primary feedstock,
whole wood. The "Plant Feedstock Demand" total is stated as tons of wood. The "Total Capital Investment" total is stated per ton hemicellulose, as this is
the incremental feedstock to the retrofitted biofuels facility.

The potentially attractive feature of the hemicellulose extraction and conversion process
applied to an existing pulp mill is that, while the prod uction capacity may be smaller, the
benefit of building on existing infrastructure should also lower capital costs. However, based
on the data used in the analysis for this project, the lower cost expectation is not realized.

Further, the benefit of using existing infrastructure must be weighed against the trend in

the U.S. toward reduced capacity for basic paper products ®. The unexpected result for the
analysis of this technology is the very high O&M costs projected for this technology based

on the enginee ring studies available. We believe the O&M costs reported in the engineering
studies used for this report are on the high side, but clearly engineering development to
reduce those costs will go a |l ong way to
impleme ntation.

5 Specialty tissues and paper products are still com petitively produced in the U.S.
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2. Production of Biofuels for the Gasoline Fuels Market

Current Technology Grainand SugarConversionto Ethanol

Ethanol is currently produced in significant quantities using commercial conversion
technologies. These technologies are based on enzymatic fermentation of sugars and starch
(grains) to produce ethanol. Ethanol (ethyl alcohol) production is primarily a fermentation
process that converts glucose into alcohol. ® The main difference between the conversion
technologies currently commerc ially available is the pretreatment of the feedstock before
fermentation.

Grain Ethanol Production

According to the Renewable Fuels Association, as of May 7, 2009, U.S. biorefineries had
a capacity of 10. 6 billion gallons per year for operating refinerie s, with 1.9 billion gallons per
year under construction at new or expanding refineries. These figures are out of a total of
more than 200 facilities (Energy Supply Logistics). More than 98% of the current U.S.
ethanol production capacity comes from corn. Of the corn ethanol plants in operation
approximately two  -thirds are dry -mills . These facilities have high overall ethanol conversion
rates and can be built at a scale that is affordable for large agricultural cooperatives and
companies focused on ethano | production. About 80% of the U.S. ethanol production comes
from dry -mill facilities , indicating proportionally more capacity in dry mills than in wet mills.
(Solomon, Barnes and Halvorsen 2007)

Technology Description

Dry Mill Ethanol Facilities

Figure 1 illustrates the basic steps of the dry -milling or enzymatic fermentation process.
In this process, the corn or grain feedstock is initially ground into a flour or fine meal to
release the starch. This material is then mixed with water to produce a mash, which is

processed in a high temperature cooker with enzymes to convert the starch to sugar and

reduce bacterial contamination before fermentation. Ethanol is produced during

fermentation, which usually takes 40 to 50 hours (RFA 2005). The ethanol is purified and
separated from the stillage during distillation. Further distillation and dehydration (as with
molecular sieves) must be done to purify the ethanol for use as a fuel and increase the
alcohol concentration.

5 Fermentation generally refers to the conversion of sugar s to alcohol using  Saccharomyce s (yeast, either

baker 6 s or ubderamaerobid sohditions. A more general interpretation  of fifermentation ¢ is as the biological
or biochemical conversion of biomass compounds like starch and sugars into alcohols or acids.

" A more detailed  schematic diagram is given in Exhibit D.




Figure 1 7 Schematic Diagram of Dry Milling Ethanol Production Process
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nor . ) .
go, .| Grinder | —» | Cooker |, | Fermenter | | pistillation |—» Ethanol
rain 407 50 hrs

!

Arrows show process links Stillage

The whole stillage (WS) by  -product ofthedry -mi | I i ng process, al so
grain, includes the fiber, oil and protein components of the grain, as well as the non -
fermented starch. It is currently sold as an animal feed in a variety of forms. As a result of
its high moisture content, stillage is readily perishable and only has a shelf life of 6 to 10
days. To increase durability of the product, thin stilla ge can be separated and dried to
viscous syrup which is mixed back with the solids to create a feed product known as wet
distillersdéd grains with solubles (WDGS). WDGS,
directly as an animal feed product. However, the sh elf life of WDGS is only slightly longer
than WS (one to two weeks), so end-uses such as feedlot s must be nearby (typically  within
about 50 -100 miles of the mill ) to avoid spoiling. To  further increase shelf life and lower
transportation costs, WDGS is us ually dried to 10  -12% moisture to produce a product
known as dried distill ersd dHoweventherd tying pracéss sl e s
extremely energy -intensive, and can consume about one -third of the energy requirements
of the entire dry mill facility

Wet Mill Ethanol Facilities
In the wet milling process, the grain is separated into components (germ, gluten, fiber,

and starch) before fermentation, yielding a number of valuable by -products. Wet mill
faciliiesaregoodex ampl es of thlorefing i r°nfrigdir e 2 shows the basic steps of the
separation process that is used to produce a fermentable starch. ° The grain is first steeped

in a mixture of water and dilute sulfurous acid for 24 to 48 hours to facilitate the separation

into components (RFA 2005). The germ slurry is then separated, and goes through a

process of grinding and screening to separate the fibrous material from the germ. The

germ can be sold to crushers, or further processed on -site into an oil product. The g luten is
separated from the starch, producing a gluten meal by -product that can be used for animal
feed. The separated starch can then be hydrolyzed, fermented and distilled to produce

ethanol, using the same steps as those described above for dry milling

The gluten meal produced from the wet -milling process has high moisture content and is
readily perishable. Thus the same problems occur as with the whole stillage by -products of
dry milling 7 the gluten meal must either be used quickly or dried.

Figur e 2 T Schematic Diagram of Wet - Milling Process for Conversion of Grain to
Starch

8 There is some debate as to how many products a facility must produce before it can be termed a

Aibiorefinery.o For example, a corn ethanol dry mill facil
carbon di oxi de, DDGS or WDGS, and ethanol . Under a gener al
product slate, dry mill facilities could thus be considered biorefineries. A definition requiring both high -value, low -

volume and low -volume high -value products would not permit this designation.
9 Exhibit D has a more detailed schematic diagram of this process.
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Performance and @st Analysis

Dry Mill Ethanol Facilities

Ethanol yield is directly related to amount of fermentable starch in corn kernels, plan t
efficiency, plant age, types of equipment, and plant management. Shapouri, Gallagher and
Graboski (2002) reported that the average ethanol yield was 2.68 gal/bu for small facilities
(<40MGY), and 2.65 gal/bu for large plants 1 For new er facilities, ethan ol yield has
increased to 2.8 gallons per bushel.

There have been several technol ogy i mprovements si nce
the cost of ethanol production, including a 20% increase in yield of ethanol production from
corn from improved biochemica | processing , higher starch quantities in the kernels, and a
35% reduction in heat energy required for conversion by re -use of process heat (i.e. use of
iwast ed (Gakagher)Brubaker and Shapouri 2005). New dry -mill plants use 30,000
Btu of ther mal e nergy and less than  1kWh of electricity to produce 1 gallon of ethanol and
by -product s (Shapouri and Gallagher 2002). Further more, new ethanol plants have minimal
discharge of wastewater, and typically do not require wastewater treatment facilities
(Shapou ri and Gallagher 2002).

There is a clear relationship between capital cost and plant capacity for dry mill facilities,
as investigated in Gallagher, Brubaker and Shapouri (2005). This study analyzed several dry

mill facilities of varying sizes constructed over a 25 year period, and found that capital costs
decrease on a $/gallon basis with increasing size up to a capacity plateau of about55 -74
MGY (with a minimum at 65 MGY) , beyond which costs  increase with size. The  capital cost

at the minimum  is $1.14 million per MGY ethanol production capacity (Gallagher et al.
2005) .

1 The authors report no rationale for the small difference in ethanol yield between the size categories. This
difference is not statistica  lly significant, given an overall sample size of 21 dry mill facilities.




In 2004, there were about 40 large dry -mill ethanol plants (40  -100 MGY) in operation or
under construction (Shapouri and Gallagher 2005). The capital costs for new plants at this
time ranged from $1.05 to $3.00 million per MGY of capacity. (The minimum capital cost
presented in this study is significantly lower than the $1.14 per gpy value presented by
Gallagher et al (2005) above.) As expected, the cost for expansion of existing plant swas
much lower, from $0.20 to $1.00 per gallon capacity (with an average of $0.50/gal).

According to Shapouri, Gallagher and Graboski (2002) DDGS made up 70% of all
distillerdéds grain products fr omndMDG Srimotlifleddistcllers i ti es, wl
grains) accounted for 21% and 9%, respectively (all on a dry basis). Furthermore, 17 of 21
ethanol facilities surveyed indicated that they sold wet and modified distiller grains.

Wet Mill Ethanol Facilities

Since wet mills are more complex than d ry mills, they have a different plant -size to
capital cost relationship (Gallagher, Brubaker and Shapouri 2005). Wet mills also have
higher capital and O&M costs , leading fewer investors to choose wet mills over dry mills for

new construction . However, e nergy expenses tend to be lower in wet mills than dry mills as
they typically include cogeneration of steam and electricity (Shapouri, Gallagher and
Graboski 2002).

Wet mills have a number of valuable by -products, including corn gluten feed, corn
gluten meal, and corn oil. The separated starch component can either be fermented to
produce ethanol, or it can be further processed into corn syrup , corn starch  and sugar. In
this analysis we assume that all of the starch is fermented in an ethanol producing w et mill

facility. However, it is important to note that the flexibility of product distribution from wet
mills can insulate these facilities from large price fluctuations for one of more of the
potential products.

Outline f or Model A nalyses

The key va lues and assumptions used to calculate the current technology analysis and
economic performance model for wet and dry mills are described below. An example of the
detailed analysis is shown in Exhibit F.

1 Feedstock input quantity is a variable, and should be given on an as -received basis
(typically about 15% moisture). Dry mills can use corn or sorghum, while wet mills use
only corn.

1 Applicable facility size ranges are 5 MGY to 100 MGY for dry mills, and 50 MGY to 300
MGY for wet mills, based on data fr om Gallagher et al. 2005

1 Ethanol yield is calculated based on the average of values reported in the literature.
New dry mills typically produce 2.8 gallons per bushel of corn (100 galfton) , and wet
mills produce about 2.5 gal/bu (89.3 gal/ton) (Shapouri and Gallagher 2005; McAloon et
al. 2000, Butzen and Hobbs 2002).

1  The conversion efficiency of corn to fuel is estimated to be 64% (on an energy basis) for
a dry mill and 57% for a wet mill. This is calculated using atypical HHV for ethanol of
84,000 Bt u/gal, and a HHV for corn of 6,600 Btu/lb (at 15% moisture  content) .

1 Itisassumedthat all distiller's grains  from dry mill facilities are converted to DDG  S. ltis
estimated that dry mill facilities produce 6.7 Ib DDG per gallon of ethanol produced
(McAlo on et al. 2000).

1 Thew etmills by-products includ e corn gluten feed, corn gluten meal, and corn oil , of
which 11.41b, 31b,and 1.6 Ib are produced from 1 bushel of corn , respectively (Butzen
and Hobbs 2002). *

11 1 bushel of corn is equivalent to 56 Ibs.
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1 The amountof CO, production from fermentati on for a dry mill facility is estimated to be
17.5 Ib per bushel of corn (Antares Group Inc. 2005a ; McAloon et al. 2000 ). The CO ,
production for wet mills is based on the same value, but is scaled by the ethanol
conversion rate.

f  The average water requireme  ntfor a dry mill facility is 4.7 gallons *

2 of water per gallon

of ethanol produced (Shapouri & Gallagher 2005). Based on data from Shapouri,
Gallagher and Graboski (2002) , wet millsuse 5.2 times as much water as dry mills.
1 Capital cost data for dry mill facilities is based on the relationship derived from Shapouri

and Gallagher (2005 ). The m inimum capital cost ona $/gal basis occurs at 65 MGY . For
larger facilities the  cost increases with capacity.

1  Wet mill capital costs are based on data from Whims 20 02, using a scaling factor of
0.6 .** The capital for a wet mill facility is higher than for a dry mill facility due to
additional process equipment requirements.

1 Average wholesale values of the co -products are based on  current data from U nited
States Depar tment of Agriculture (USDA 2007 ). The value of DDG S is $90 - $115 per
ton (similar to data from McAloon et al. 2000 and Shapouri and Gallagher 2005). Corn
gluten feed is $40 -60/ton, corn gluten meal is $335 -350/ton, and corn oil is $0.31 -
0.32/Ilb. These current wet mill co -product values from USDA are comparable to those
reported for 2003 in Shapouri and Gallagher (2005).

1 Consumables for both processes include enzymes, yeast, chemicals, and denaturant.

The consumables cost for small dry mills (< 40 MGY) is $0.13/gal, while for large dry
mills (40 to 100 MGY) the cost is $0.12/gal (Shapouri and Gallagher 2005). The cost of
consumables for wet mil  Isis $0.19/gal ( Shapouri, Gallagher and Graboski 2002 ).

9 Utilities include electricity, fuels, water and wast e management , and does not reflect the
use of combined heat and power (CHP) beyond basic heat integration . The use of CHP
greatly affects the consumption of fuel to supply the process heat and electricity
demands quantified by Shapouri et al (2002) , and s hould be recommended for all dry
mills due to their significant use of natural gas 14 This analysis assumes that heat is
supplied in a standard natural gas -fired boiler with no CHP, and electricity is purchased
from the grid. The cost for small dry  mills is $0.27/gal and for large dry mills the cost is
$0.19/gal (Shapouri and Gallagher 2005). Average electricity use is 1.19 kWh/gallon of
ethanol produced, and the average heat use is 34,800 Btu per gallon of ethanol . The
cost of electricity for the dry mi Il fac ilities has been updated to 2007 average wholesale
value for the industrial sector of 7.9 ¢/kWh. New dry mill facilities have minimal
wastewater discharge. Wet mill utility costs are $0.19/gal (Shapouri et al. 2002). 5 wet
mill energy usage is lower than dry mills as they typically employ cogeneration of steam
and electricity.

1 Annual labor costs for small dry mill facilities are $0.077/gal, and $0.060/gal for large
facilities (Shapouri and Gallagher 2005). Labor costs for wet mills are $0.096/gal, b ased
on data from  Shapouri, Gallagher and Graboski (2002).

12 While the total water embodied in a gallon of ethanol has decreased in recent years, this embodiment is
largely driven by irrigation wat er use, rather than conversion facility process water use (Suh et al, 2009).
According to Suh et al (2009), average process water consumption for corn ethanol facilities (both wet and dry
mills) in the U.S.is 3.3 -4 gallons per gallon ethanol. Thisis a net, rather than absolute value and does not
distinguish between dry and wet mills, so the most recent value available that did differentiate mill types (Shapouri
and Gallagher, 2005) was used. This may present an overestimate due to progress made in water consumption
reductions over the past four years.
¥“This scaling factor was derived from the Whims (2002) data. The

exponent of a capital cost vs. capacity or size relationship. For a linear relationship in which there is no economy
of scale, this exponent is one. If economy of scale exists, thes exponent will be smaller than one.
“As of 2008, CHP use was planned or already implemented in 24 of

constructed dry mill facilities (EPA CHP, 2 008)
!5 Electricity prices have not been updated to reflect current market value as there was not sufficient detail in
the Shapouri et al. (2002) to perform the calculations.
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1 No economy of scale is included for the wet mill operating costs & no distinction is made
between large and small facilities. The 2002 Cost of Production Survey aggregated wet
mill data over all f acility sizes, rather than over several size ranges.

1 Other fixed O&M costs include maintenance, administrative costs, and other costs. For
dry mills, other fixed costs are equivalent to $0.090/gal for small facilities and
$0.106/gal for large facilities (Shapouri and Gallagher 2005). For wet mills other fixed
costs are $0.108/gal ( Shapouri, Gallagher and Graboski 2002 ).

1 The levelized non -feedstock production cost of ethanol is calculated based on the annual
operating expenses  and capital cost payment , co - product credit, and quantity of fuel
produced.

Model Results

Some of the key cost and performance results for current ethanol production processes
are shown in Table 4 and Table 5. These tables show results fo r the range of applicable
facility sizes based on selected input quantities, and illustrate the high and low end costs.
In general, the analysis shows that ethanol production from wet mill facilities has lower
costs than the dry mills as a result of the c o-product value *. However, it is important to
note that the value for these co -products will fluctuate as the market changes. For similar
sized facilities the wet mills have higher capital and O&M costs than dry mills, as the
process is more complex. It should also be noted that both tables show results only for the
non -feedstock portion of the production costs.

Table 4 - Example Cost and Performance Outputs for Dry Mill Facilit
Sample Model Results - Grain Ethanol (Dry Mill)

Feedstock Input (as rec'd ton/yr) 50,000 1,000,000
Ethanol Yield (MGY) 5 100
DDG Yield (ton/yr) 16,750 335,000
CO2 Stream (ton/yr) 15,625 312,500
Water Consumption (1000 gal/yr) 23,500 470,000
Capital Cost (Million $) $ 149 | $ 196.9
Annual O&M Costs (Million $/yr) $ 344 $ 58.8
By-Product Credit (Million $/yr) $ 1.06 ] $ 11.3
Non-feedstock Production Cost ($/gal) $ 058 | % 0.36
Table 5 - Example Cost  and Performance Outputs for Wet Mill Facility
6 This invites the question of why most new corn ethanol facilities, and most exi sting facilities, are dry mill
plants. It is important to note the significantly larger capital outlay and higher operating costs for wet mill
facilities, which may discourage developers from choosing this option. Moreover, this result raises an issue of co-
product accounting: should co -product revenue streams be counted toward the overall production cost of the
ethanol, or should they be held economically separate? As this report focuses strictly on biofuels and not the
entire varied product slate of b iorefineries, in this and subsequent analyses, the biofuel will be considered the
primary product and all other products co -product s. To this end, the facilitybds economi
feedstock production cost per unit of fuel. The costs of p roduction are difficult to attribute between products and
co-products (the energy to cool corn ethanol fermenters, for example, applies to both the ethanol produced and
the DDGS, but would not be strictly necessary if the object of the process were to prod uce feed), but all of the

costs and revenues of the co  -product streams together contribute to the success or failure of a biorefinery. Cost

and energy input attribution can be done artificially by many respected methods, including assigning these inputs

on a mass or heating value basis, but these do not reflect the fact that co -product values can and likely will enable
ethanol production in a low -priced fuel market where margins are slim, particularly in the case of corn ethanol. A

key result of this repo  rt is that obtaining higher co -product value is key to the financial viability of not only corn
ethanol, but also many biofuel conversion technologies. Given this fact, it was decided that exclusion or artificial

separation of co -products from the plantf  inancial analysis would be inconsistent with the scope of the report and
potentially misleading.
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Sample Model Results - Grain Ethanol (Wet Mill)

Feedstock Input (as rec'd ton/yr) 560,000 3,360,000
Ethanol Yield (MGY) 50 300
Corn Gluten Feed Yield (ton/yr) 114,000 684,000
Corn Gluten Meal Yield (ton/yr) 30,000 180,000
Corn Qil Yield (ton/yr) 16,000 96,000
CO2 Stream (ton/yr) 156,250 937,500
Water Consumption (1000 gal/yr) 1,222,000 7,332,000
Capital Cost (Million $) $ 1639 $ 480.4
Annual O&M Costs (Million $/yr) $ 3471 % 208.4
By-Product Credit (Million $/yr) $ 386 % 231.6
Non-feedstock Production Cost ($/gal) $ 033 $ 0.12
Outlook
According to USDA, Economic Research Service , the average price for corn in 2007
through 2008 and again from 2008 through early 2009 was around $4.20/bu ($1 50/ton)
(including an estimated delivery co stof $0.30/bu ($1 1/ton) ).'" This compares to $3.04
($109/ton) from 2006 through 2007 . This convertsto a feedstock fuel equivalent cost for
ethanol production of $1.35/gallon for dry mills and $1.51/gallon for wet mills, based on the
conversion yields us ed in the model. The resulting ethanol production costs are about
$1.71 to $1.92 per gallon. For comparison, current FOB ethanol prices are around $1.75 -
$2.15/gal (USDA AMS 2007). The USDA results are  very similar to the results of the
ethanol productio n models (combining feedstock and non -feedstock costs) reported here.

Projected prices for corn at 200h and 2088 Md.SgaadtWorldf r om FAPRI
Agricultural Outlook  are shown in Figure 3. Since the 2008 data was not a vailable at the
time of analysis, the 2007 data is used in the report. Note that although the more recent
data shows higher corn price projections, both data sets have relatively flat price escalation

curves. *® The higher corn prices from the 2008 data i kely reflect increasing costs of
energy.
According to the 2007 data, corn is project ed to cost about $3.33/bu ( $119/ton )in 2015

including the same $11  /ton transportation cost as above. This leads to ethanol production
costs of $1.55 to $1.74 per gallo n for dry mills and $1.57 to $1.74 per gallon for wet mills.

Figure 3 7 Projected Corn Prices

7 Corn price based on data from USDA AMS 2007. Estimated delivery cost based on Antares experience,
using a typical cost of $0.20/ton -mile for truck transpor  tation and a distance of 50 miles.

18 The projected corn price escalation from 2008 to 2015 is -5.6% with the 2007 FAPRI data, and -1.3% with
the 2008 FAPRI data. This relatively small change can be considered indicative of a flat market.
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Dry -mill produced DDGS competes with corn, soybean meal, and dicalcium phosphate in
animal feed markets as a source of protein and phosphorus. DDGS has a very long shelf life,

and is easily transported across the U.S. and all over the world. Domestic markets account
for about 75% of  U.S. production, while the remaining 25% is produced to satisfy the
demand of international markets (Antares Group Inc. 2005 a).

As more dry -mill ethanol facilities come on line, the market can become saturated with
these types of animal feed products and alternate end -uses or markets will need to be
explored in orderto k  eep a high value for this by -product. In general, the overall animal

feed market is far larger than existing DDGS production capacities, thus theoretically there

is room for growth in that area. However, DDGS producers will need to consider expanding

int o non -traditional feed markets, beyond feed for ruminating animals like dairy beef and

cattle. An additional option is increasing exports to other countries, but th is can be stifled
by high freight costs.

Despite the potential for market expansion for gr owth in the corn and other grain
ethanol markets, a combination of political and economic pressures have narrowed the
margins of corn and other grain ethanol producers. Politically, the Obama admin
emphasis on advanced biofuels and the federal Renewable Fuel Standards & which grant 2.5
as many renewable fuel units to a gallon of lignocellulosic ethanol than to a gallon of corn
ethanol -- have created a hierarchy of ethanol producers. A great deal of research and pilot
funding is being funneled into commercializing lignocellulosic ethanol, while corn ethanol
producers are seeing fewer yield increases at their production facility and escalating
commodity prices. Corn, as noted above, has reached such a high price that ethanol
producers are barely mee  ting operating expenses, while petroleum prices are low and
ethanol sales prices correspondingly low.

This has led to a record number of corn ethanol producers filing for bankruptcy.
VeraSun and Aventine Renewabl e Ener gy gebbcordéthargpls, t wo of
producers, last year announced Chapter 11 bankruptcy, as did 14 other corn ethanol
plants. The total number of companies going out of business since the start of 2008 is
expected to total forty by mid -2009.
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SugarFermentation to Ethanol

The conversion of sugars (like sugarcane) to ethanol is simpler than the conversion of
starches as it requires fewer process steps. This process is very similar to the dry milling

process described above except that no cooking is required. The feedsto ck is milled and
pressed, and then fermented to generate ethanol. The resulting product is purified during
distillation, and can be dehydrated to increase the alcohol concentration.

Ethanol production directly from sugars is generally only performed in locations where

there is a large quantity of available feedstocks, such as sugarcane crop in Brazil and sugar

beets in parts of Europe. According to the USDA National Agriculture Statistics Service

(NASS), the entire U.S. produced about 34 million tons o f sugar beets and 30 million tons of
sugarcane in 2006 (USDA NASS 2007). ¥ For comparison, the U.S. soybean crop from 2006
was nearly 90 million tons and the corn crop was 300 million tons (USDA NASS 2007). As a
potential U.S. biofuels feedstock, sugar cr ops are of limited availability , are generally
expensive to produce or import, and are most valuable to the food market rather than the

lower -cost biofuels market.

¥ The top states w ith sugarcane crops are Florida, Louisiana, Hawaii and Texas, while the top sugar beet
growing states are Minnesota, North Dakota, Idaho, Michigan and California (USDA NASS 2007).
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Technologies Ready for Commeralization in the Midterm (2015 z 2025)

There are a number  of advanced biofuel technologies being developed t hat may be
available in the 2010  to 2025 time frame. One of the key differences between these and
the current commercial biofuel technologies is the types of biomass feedstocks used for
production.  The c urrent technologies typically use grain and oil seed crops (which are
relatively expensi ve and compete with food uses ). In contrast, most of the advanced
technologies use lignocellulosic biomass such as wood, grasses and agricultural residues.
Although th ese biomass feedstocks are generally more difficult to convert to biofuels , they
are nota h uman food source and can be less expensive than grain and seed crops.

Cost and performance models for several of the advanced technologies have been
developed. Sin ce the advanced technologies do not currently have commercial plants in
operation, these models are based on detailed engineering analysis for commercial scale
plants (typically the projected cost and performance projections for the n ™ plant) available
in the literature . The projected costs are typically accurate intherange of +/ - 25% to 30%.
All cost and performance models for the advanced technologies include projections for the
2020 (Amiter mo) ti me period. Model s of cludeckfor ti me period
technologies that had additional projections available in published studies.

Lignocellulosics to Ethanol: Hydrolysis and Fermentation

Lignocellulosic biomass consists mainly of cellulose, hemicellulose and lignin. This
includes woody biomass,  grasses, and agricultural residues. Lignocellulosic biomass typically
contains 40 -60 wt% cellulose (dry weight) and 20 -40 wt% hemicellulose, both which can be
hydrolyzed to sugars and fermented to produce ethanol. Most of the remaining fraction
(10 -25 wt %) is lignin, a complex polymer which is resistant to biological degr adation and
cannot be fermented. However, the lignin fraction can be thermochemically treated for
conversion to biofuels or used directly to produce heat and/or power. 2 There are alsos mall
amounts of proteins, lipids, and ash.

The chemical composition of the biomass (i.e. the lignin/hemicellulose/cellulose ratio) is
a major factor in the ethanol yield. Materials with high sugar content (cellulose and
hemicellulose) have the potential to produce the greatest amount of ethanol per ton of
feedstock consumed . Table 6 shows typical biochemical compositions for various biomass
feedstocks. Most woody biomass has about 27% lignin, while grasses such as switchgrass
have about 18% (Hamelinck, van Hooijdonk and Faaij 2005). Switchgrass has a large
fraction of ash and other materials which cannot be converted to ethanol or used for heat
and power production.

Table 6 - Typical biochemical compositi ons of various feedstocks 2

2 The higher heating value (HHV) of lignin is 10,495 +/ - 515 Btu/lb (dry), w  hereas the (hemi)cellulose and
other components have a much lower HHV around 7,310 Btu/lb (dry) (Hamelinck, van Hooijdonk and Faaij 2005).

ZH0thero includes ash, acids, and extractives (low molecular weig
alcohols).
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Feedstock Compaosition (wt%)

Feedstock Hemicellulose  Cellulose Lignin Other
Agricultural Resources 23-26% 33-40% 17-24% 10-27%
Switchgrass 25% 32% 18% 25%
Hardwoods (i.e. Poplar) 13-19% 42-50% 26-28% 3-19%
Pine (Softwood) 22% 45% 28% 6%

Sources: U.S. DOE EERE Biomass Program Jan 25, 2006 ; Hamelinc k, van Hooijdonk and Faaij 2005

Technology Description

Production of ethanol from lignocellulosic materials is similar to production from grains,
except thatitis  more difficult to break down the feedstock into fermentable sugars. In
other words, hydrolysis of lignocellulose is more difficult than hydrolysis of starch.
hydrolysis or saccharification of cellulose produces glucose (a sugar containing 6 carbon
atoms), and hydrolysis of hemicellulose produces various 5 carbon and 6 carbon sugars.

2 The

Figure 4 shows the basic process steps for the conversion process . The biomass is first
pretreated to clean and size the materials and alter the cell structure so that it is more
accessible to conversion. Hemicellulose hydrolysis is part of the pretreatment, and can be
performed by a variety of methods (see below). After pretreatment, the solids (cellulose
and lignin) are filtered and pressed and undergo cellulose hydrolysis, while the sugar -
containing liquids  resulting from the hemicellulose hydrolysis are diverted to fermentation.
Cellulose hydrolysis is the main hydrolysis step, in which the cellulose is converted to
sugars. The primary m  ethods for this reaction are described below. After hydrolysis, the
sugars are converted to ethanol via fermentation, and the ethanol is recovered in a
distillation column and concentrated. The lignin and other solid residuals can be
thermochemically tre  ated (gasified) or used directly to produce heat/power via combustion.
Unfermented sugars in liquid effluent can also be dried and fired in a boiler. An alternate
use of the lignin is to produce high -value co -products such as high  -octane hydrocarbon fuel
additives, but these conversions are complex and expensive. Note that although each step
is shown below as a separate process, integration of two or more p rocess steps is a

potential way to reduce costs and increase overall efficiencies. In the descripti ons below
each major process step is discussed separately in order to clarify the different aspects of
the process.
It is important to mention another potential method of ethanol production from
lignocellulosic materials; hemicellulose conversion of bio mass in a forest product biorefinery .

In this process sugars are extracted from the hemicellulose component of the biomass and

fermented to ethanol. The rest of the biomass is then used to produce high value pulp and

paper products. Production of lignoc ellulosic ethanol as a by  -product of the forest products
industry is very appealing, as the required biomass infrastructure is already well developed.

There is significant interest in this type of biorefinery , and sufficient data publicly available

for a detailed characterization of this process for this analysis. This process is detailed in
the APulp and Paper Biorefiningd section | ater
Figure 4 7 Schematic D iagram of LCEt Hydroly sis and Fermentation Process

2 Hydrolysis is the breakdown of organic materials through the use of water.
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Pr etreatment and Conditioning

Pretreatment is an important part of the conversion process because it has a very
significant impact on the ethanol yield. It is also a very energy intensive step T sizing the
biomass can take up to one third of the total energ y requirement for the process.
Hemicellulose saccharification is also included in  the pretreatment step, as it frees the
cellulose for conversion to sugars. In fact, cellulose hydrolysis without the hemicellulose
hydrolysis pretreatment step typically has yields below 20%, while after this pretreatment
step the cellulose hydrolysis can have yields greater than 90%. Some of the primary
hemicellulose hydrolysis methods are described below.

1 Chemical pretreatment processes , such as dilute acid : The acid cat alyzed
hydrolysis process uses dilute sulfuric, hydrochloric, or nitric acid. % This method is
currently available and gives reasonably high sugar yields (75 -90% for a concentrated
acid process; 50 -75% for a dilute acid process ). However, the acid and som e inhibitors
that are products of the pretreatment (furfural, for example) must be recovered or
eliminated from the pretreated material in order to reduce acid consumption , and speed
fermentation . This pH-reduction step takes place immediately prior to enzymatic
hydrolysis and fermentation , and is done by separating remaining solids from the liquid,
followed by washing and pressing. For concentrated acid processes, the a cids are then
removed or recovered from the liquid fraction via membrane separation ( about 80%
effective recovery) or by continuous ion exchange (97% recovery with 2% of sugars
lost). What acid is not recovered must be neutralized before fermentation 0 low acid
concentrations can be neutralized by adding lime, causing a conversion to gypsum ,
which can then be filtered out for disposal. 4 Conditioning is also used to remove
inhibitors produced during pretreatment, as they reduce ethanol yields.

A further complication of acid pretreatment is the very small biomass particle size it
requires, t ypically about 1 to 3 mm, as smaller particles have larger percentages of
surface area available (Hamelinck, van Hooijdonk and Faaij 2005). This means that the

% Note that there is also a concentrated acid hydrolysis process, but it is currently very expensive and will not
be discussed in detail here. This is a pretreatment process inten ded to hydrolyze hemicellulose and to make
cellulose more vulnerable to subsequent hydrolysis. Thus, both dilute and concentrated acid processes should be
considered distinct from acid hydrolysis of cellulose, which is a subsequent process intended to att ack cellulose,
rather than lignin or hemicellulose as in pretreatment.

% There is typically 0.02 kg gypsum produced per kg feedstock after recovery. With acid catalyzed hydrolysis
with no acid recovery this can be as high as 0.6 - 0.9 kg of gypsum per kg of feedstock.
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energy that must be devoted to grinding and milling the biomass feedstock is greater
than in ot her pretreatment options.

1 Physical pretreatment processes such as steam explosion and liquid hot water
(LHW): In steam explosion , biomass is heated using high pressure steam for several
minutes, and the reaction is stopped by sudden decompression to atmos pheric pressure.
This process results in sugar yields around 45 -65% (Hamelinck, van Hooijdonk and Faaij
2005). LHW uses compressed hot liquid water to hydrolyze the hemicellulose, resulting
in high yields of 88 -98%. These high yields and the fact that no acid or chemical
catalyst is required make the process extremely attractive. However, LHW is currently in
the demonstration stage of development, and is not expected to be available for large
scale commercial projects for another 5 years. Biomass feedsto ck size required for
these processes are around 19mm, much larger than the dilute acid hydrolysis step
(Hamelinck, van Hooijdonk and Faaij 2005). This significantly lessens the pretreatment
energy requirement.

1 Biological pretreatments (Fungi): The process is characterized by low energy use
and mild environmental conditions. However, it also has low conversion yields and long
reaction times. This method tends to be more effective in combination with chemical
treatments (Hamelinck, van Hooijdonk and Faaij 2005).

Cellulose Hydrolysis
Cellulose hydrolysis  follows one of the pretreatment options noted above, which has
made the cellulose more vulnerable to chemical attack, and has hydrolyzed hemicellulose.

Cellulose hydrolysis can be performed in two ways: enzymatic hydrolysis and acid
hydrolysis

The most common of these options is enzymatic hydrolysis. In this process, cellulase
enzymes convert the cellulose to sugars under mild process conditions. % This method
results in relatively high yields (75 -85%) and has lower maintenance costs than acid
hydrolysis (described below). Cellulase is currently a very expensive part of this ethanol

production system , although there are research activities that focus on lower costs and
increasing yields. % Yields are ex pected to increase to 85  -95% by 2020. Recovery and reuse
of the enzymes also helps to minimize costs, although they do degrade over time.

Acid hydrolysis of cellulose isthe only alternative current lyto enzymatic hydrolysis. Acid
hydrolysis can only b e used in con junction with an acid hydrolysis pretreatment (2 -stage
acid process). Dilute acid hydrolysis , the oldest cellulosic conversion to ethanol process (the
first commercial plant was operating in 1898), is not currently competitive with the
enzyma tic hydrolysis process. However, ¢ oncentrated acid hydrolysis has significantly
higher conversion rates than dilute acid hydrolysis, with sugar yields around 90%. Since
acid hydrolysis has high operating costs, minimal acid use and maximal recovery are
needed.

Fermentation:

In the fermentation process, microorganisms (bacteria, yeast, or fungi) convert
carbohydrates to ethanol in an anaerobic environment. The chemical reactions for
conversion of 5 -carbon and 6 -carbon sugars to ethanol are shown below

% Cellulase enzymes are actually a complex mixture of enzymes, produced by organisms that live on cellulosic
material (Hamelinck, van Hooijdonk and Faaij 2005).

% Key enzyme producers including Genencor International and Novozymes Biotech h ave both been successful
in these developments in recent DOE -supported research.
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3C.,H, O, - 5C,H.OH+5CO, (1)

CH, O - 2C,H.OH+2CO, 7))

Genetic engineering has been used to generate bacteria and yeast that can coferment
both types of sugars (Hamelinck, van Hooijdonk and Faaij 2005). Continued research to
provide microor ganisms with higher conversion efficiency and resistance to ethanol
poisoning and harsh process conditions would further improve process economics.
According to McAloon et al. (2000), the hydrolysis and fermentation steps to produce

ethanol from lignocell  ulosic biomass may take up to seven days. Other research suggests
that this time may be reduced to as few as two days. 2" For comparison, the existing mill
technology for converting starch to ethanol  (not including pretreatment) o nly takes two
days.

McAloon et al. (2000) estimate that 39 Ib lignocellulosic residue per gallon of fuel
ethanol is produced using a dilute acid pretreatment process with corn stover feedstock
The residue typically has a moisture content around 60%. Potential co - products from
ethanol production include electricity, cell matter, furfural, and acetic acid. 8

Performance and Cost Aalysis

Projected cost and performance for ethanol production from the LCEt-HF process has
been developed by looking for different pretreatment option s for three distinct time periods.
The time periods in this analysis include near term (2015), midterm (2015 -2025 ), and long
term (2025+). The near term model only includes dilute acid pretreatment and early
commercial sizes (25to 60 MGY). The midterm model uses dilute acid pretreatment for
medium size facilities (60 to 100 MGY) and steam explosion for large facilities (>100 MGY).

The long term model uses dilute acid pretreatment for medium size facilities (60 to 100

MGY) and liquid hot water (LHW) for large facilities (>100 MGY). (The latter technology is
also discussed in the  Pulp and Paper Biorefining section of this report .) The pretreatment
technology and size ranges for each time period were selected based on the projections

from NREL, Utrecht Un iversity, and other institutions (details given below). 29

This LCEt-Hydrolysis Fermentation production model has been derived based on
available data from published studies. %0 Al of the studies used to develop the analysis use
enzymatic hydrolysis for cel lulose conversion, and a variety of pretreatments for
hemicellulose hydrolysis (dilute acid, steam explosion, and LHW). The references use either

2" Please note that fermentation time is a function of desired conversion (which follows a curve of reducing
time benefit), fermentation type (batch, semibatch, or continuous) , and fermentation organism chosen. Also, long -
term projections include reduced time for fermentation. For example, Wooley et al. (1999) estimate a decreasing
residence time requirement as technology and microorganisms are further developed, such that fe rmentation only
requires 2 days in the long -term scenari o. As there is not a fistandardo industry
development, it is misleading to state a single fermentation residence time value for the entire industry. Seven
days is used here only as a conservative time estimate in order to generate a conservative cost estimate; this will
be detailed in the next subsection.

% However, as detailed studies have not been made on the development of these co  -products they will not be
included in this analysis. Electricity is the only by -product from the process evaluated here.

2 The combinations of facility size and pretreatment technology chosen for each time period reflect both the
practicality of using a particular pretreatment process at sma Il or large scales, and the expected degree of
development of each type of pretreatment process. Dilute acid hydrolysis, for example, is technically viable in the
near term, while steam explosion will not be a commercially demonstrated technology until at least the mid -term,
and will be better suited for larger facilities due to its lack of membrane recovery processes.

30 Sources: Hamelinck, van Hooijdonk and Faaij 2005; Wooley et al. 1999; Lynd et al. 2005; Aden et al. 2002;
and McAloon et al. 2000.
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poplar or corn stover  feedstocks and all except one use a boiler for power and steam
production (there is one that uses biomass integrated gasification combined cycle - BIGCC).

Figure 5 shows the values reported in various studies for ethanol conversion efficiency
(bars) and yield (points) for various time periods. 3L The conversion effici ency and yield are
directly related. The conversion efficiency is calculated as the ratio between the heating
value (HHV) of the ethanol produced and the HHV of the feedstock input. The reported
values include a variety of pretreatment technologies over a range of projected time
periods. There is a clear correlation between ethanol conversion efficiency (yield) and time
period, as the long term processes are projected to approach theoretical conversion
efficiencies. This development of production perfor mance will be an important factor in the
economic favorability of these technologies.

Figure 5 i Ethanol production efficiency and yield from published data for various
time periods
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A near term conversion process based on dilute acid hydrolysis with a 35% conversion
to ethanol has an  overall process efficiency of about 60% including electricity production
from lignin and other residuals in a boiler (Hamelinck, van Hooijdonk and Faaij 2005).
Improvements in the pretreatment methods and other processes could lead to a 48%
ethanol conve rsion efficiency (or greater), and overall process efficiencies of 68%
(Hamelinck, van Hooijdonk and Faaij 2005).

% Ibid
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Figure 6 shows the total capital investment in relation to the ethanol production capacity
and time period. * Aswith the ethanol production performance data discussed above, these
values are from a number of studies and include several pretreatment technologies. As

there are no commercial lignocellulosic ethanol production facilities in operation % these
values have be en derived using factored estimation analysis 3 or detailed process design.
The Total Capital Investment (TCI) is generally +/ - 30% (or better), and includes the

equipment costs, installation, contingency and other indirect costs. %

Figure 6 i Ethanol production capacity and total capital investment for various
time periods
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As expected there is a clear trend towards increased plant sizes with time. The average
short term plant size is 45 MGY, while the long term facilities are projected to be about 100
to 300 MGY. Furthermore, the capital cost decreases with time, which corresponds with the
economies of scale as plant sizes increase, as well as the availability of lower cost
equipment.

%2 bid (except Lynd et al. 2005).
% logen currently has an operational demonstration facility in Canada. A number of companies have
demonstration and commercial facilities planned for start -up in the near -term (Solomon, Barnes and Halvorsen
2007).
34 Factored estimation is a cost estimation method in which a detailed major equipment cost is calculated, and
other cost components, such as working capital, contingency, and insurance are estimated as certain percentages
of this major equipment cost. This is ¢ ommonly used in construction estimation.
% All costs are reported in 2008 US$, converted using the Chemical Engineering Plant Cost Index (CEPCI)
where necessary.

Total Capital Investment ($/gal)
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In the short term, the highest capital co stis thatof t he fAbest of industryo

graph), which has a TCl of $ 5.34 /gallon.  This reflects advanced equipment, and more
efficient processes. The large st capital costin  the midterm is the facility that includes

gasification for power product ion instead of a boio. aheTClforttse!l ed
facility is $ 7.29 /gal, significantly higher than the equivalent fac ility that uses a boiler
($5.4 6/gal) , reflecting the current infancy of gasification as a commercial technology . As

both of the se examples have significantly different technologies from the other modeled
facilities, their cost information is not included in the average used for the ethanol
production cost model.

The relative costs of the major equipment areas from several studie s fornearterm LCEt
Hydrolysis and Fermentation  facilities using dilute acid pretreatment technology are shown
in Table 7. Note that the first two facilities include cellulase production, while the 69 MGY
plant does not. ** Note that at least for the near term, it is more likely that enzymes would
be purchased rather than produced.

The power and steam production area is the most expensive, followed by pretreatment.
This suggests that lowering the costs of these process steps could be most beneficial in
reducing overall capital costs.

Table 7 - Capital cost break -out for LCEt Hydrolysis and Fermentation with d ilute
acid pretreatment

Plant Size (MGY) 25 52.5 69
Major Equipment Area % of total cost
Feedstock Handling 4.0% 3.6% 6.6%
Pretreatment 21.9% 19.5% 23.6%
Saccharification / Fermentation 10.6% 9.9% 8.3%
Cellulase Production 13.3% 11.5% 0.0%
Distillation / Separation 10.5% 9.6% 19.2%
Power / Steam Production 27.6% 33.0% 33.7%
Other* 12.2% 12.9% 8.8%
Total 100.0% 100.0% 100.0%
Source McAloon et Wooley et Aden et al.
al. 2000 al. 1999 2002

* Other includes wastewater treatment, storage, and utilities

Outline for model analysis
Due to the complexity of the LCEt Hydrolysis and Fermentation process, it was
necessary to use a number of assumptions to generate a simple and useable model. The
cost and performance model was developed as follows:
1 Hemicellulose hydrolysis (pretreatment) varies based on facility size and time period
0 The only available technology for short term (2010) is dilute acid p retreatment, in
the size range from  25to 60 MGY .
o Midterm (2015 -2020) pretreatment technologies are dilute acid for medium size
facilities (60 to 100 MGY)  *", and steam explosion for large facilities (> 100 MGY)

% While some of the LCE Fermentation/Hydrolysis facilities from the published studies used in the analysis
include on -site production of cellulase for enzymatic hydrolysis, others assume the cellulase is purchased for use,
depending on which option was more economically favorable. The cost of purchased cellulase is included in the
consumables port ion of the Variable O&M costs. While Consolidated Bioprocessing (CBP) is a future possibility,
insufficient publicly available cost data exists to include this as part of the model.

%7 The size ranges used were chosen for consistency with the NREL research from which their cost parameters
were in part derived (Hamelinck, van Hooijdonk and Faaij 2005)
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0 Long term (2025+) pretreatment technologies include dilute acid for medium size
facilities, and Liquid Hot Water (LHW) for large facilities

o Itis assumed that small facilities ( < 60 MGY) are not constructed after the short
term tim e period .
1 Cellulos e hydrolysis step is performed using enzymatic hydrolysis  (with cellulase ) for all

modeled processes

1 Cellulase is produced on -site for most scenarios  used in this analysis , although in some
cases it is purchased . The selection for on  -site production versus purchase of cellulase
follows the choices reported in the literature for each technology option . On -site
cellulase production will affect O&M costs, capital costs, and overall ethanol yields, as a
fraction of the sugar stream is diver ted to feed the microorganisms. Purchased cellu lase
only affects O&M costs, and is generally more expensive overall. Consolidated
Bioprocessing (CBP) is a third possibility; in which cellulase is produced by the
fermentation organism itself and cellulase need not be p urchased or produced
independently. |1 nsufficient publicly available cost data exists to include this option as
part of the model. A CBP scenario would have both a different capital cost breakdown
and different O&M costs.

91 Electricity and stea m are produced with a boiler and turbogenerator from residua | solids
(lignin, unconverted cellulose, cell mass), and unconverted sugars which are partially
driedtoasyrup . This was assumed for all time periods, but it must be recognized that
in the near term, on -site heat and power generation may not be adopted by every
facility.

91 Electricity is the only co  -product produced from the process, and is valued at 7.9 7¢/kWh
based on the average industrial electricity cost from En ergy Information Administration
(EIA2009 )®¥. Note that EIA6s projections for industrial
time period is  5.8¢/kWh , which is significantly lower than the value used ( EIA AEO
2007).

Selection of feedstock type is a critical component of the model, as the co mposition of
the biomass affects the  ethanol production . In particular, the hemicellulose, cellulose, and
lignin content of the feedstock affect yield (gallons of ethanol produced per dry ton of
feedstock). The pretreatment technology also has a signific ant e ffect on the ethanol yield,
as each technology has a  different conversion factor. The feedstock composition and yield
in turn affect the material available for power production i a portion of the unfermented
sugars are dried and the resulting syrup i s fired in the boiler along with the lignin and cell
mass. In addition, different feedstocks will have different costs and availability.

The conversion rates of hemicellulose and cellulose into sugars and the fermentation of
sugars into ethanol are techn ology depen dent. These rates also increase with time, such
that for each pretreatment process the conversion rates in the long term are significantly
higher than in the short term rates. Conversion rates for saccharification of cellulose and
hemicellulos e and fermentation of the glucose and other sugars are expressed as a percent
of theoretical conversion for each technology available in each time period, as shown in
Table 8.

Table 8 - Conversion R atesfor LCEt Hydrolysis and Fermentation

3 After modeling had been completed for all scenarios, it was determined that this price was incorrectly
determined and a value of 7.01¢/kWh should have been used instead. This change will be integrated into
spreadsheet technology models before any further modeling is performed.
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Conversion (% of theoretical) (1)

Short Term Mid Term Long Term
Pretreatment Technology Dilute Acid Dilute Acid Steam Dilute Acid LHW
Explosion

Saacharification

Hemicellulose 83% 85% 55% 85% 93%

Cellulose 75% 85% 93% 90% 98%
Fermentation

Xylose & other sugars (2) 86% 90% 85% 95% 94%

Glucose (2) 93% 94% 93% 95% 94%

Hamelinck et al. . .

Source 2005, Vzgg':y ot al. Woollg)é;t al. Hamezllgglg etal. Woollgggt al. Hamezllgglg etal.

1) Average conversion estimates based on poplar feedstock and the reported pretreament technologies. The advanced technologies for mid
and long term pretreatments may not be suitable for all feedstocks.

2) Cellulose is converted to glucose during saacharification, while hemicellulose is converted to xylose and other sugars

The theoretical ethanol yield from biomass feedstocks is derived based on the dry weight
of fraction of C -5 and C -6 sugars. Theoretical yield is equal to the total weight percent of
C6 sugars times 172.82, plus the tot al weight percent of C5 sugars times 176.87 (U.S. DOE
EERE Biomass Program 2006). *° The calculation for actual ethanol yield is very similar,
except that the percent of theoretical conversion for each step is taken into account.

Total electricity producti  on depends on the amount of material available for boiler fuel
and the steam use, which are related to the facility type. The dilute acid process and LHW

pretreatment have high steam requirements , Which implies lower electricity production.
Facilities wi th higher conversion rates will have fewer unconverted sugars to use a s boiler
fuel.

Operations and Maintenance (O&M) costs are separated into fixed and variable

components. The fixed O&M includes annual costs that are a function of the
rather than its actual annual ethanol p roduction. These costs include labor, maintenance,

taxes and insurance. Variable O&M costs include raw materials (such as sulfuric acid and

lime for dilute acid pretreatment, ammonia and corn steep liquor for cellula se production, or

purchased cellulase if it is not made in the process) and solids disposal (i.e. ash and
gypsum). The O&M values used in the model are derived from published studies for each
technology type.

The key values and assumptions used to calcul ate the mid -term (2015) technology
analysis and economic performance model for LCEt Hydrolysis and Fermentation are
described below. An example of the detailed analysis for all periods is shown in Exhibit F.
1 Feedstock type and input quantity are variable s. Applicable feedstocks include corn

stover, wheat straw, switchgrass, poplar (hardwood) and pine (softwood), and portions
of the MSW stream (see  Exhibit G for details on biomass from MSW). These feedstocks
were selected based on available composition d ata, and can be used to represent a
range of wood and agricultural residues.

1 The applicable size range for facilities in this time period is 60 to 150 MGY, based on
facility sizes from sources (Hamelinck, van Hooijdonk and Faaij 2005; Wooley et al.
1999; Aden et al. 2002). Facilities with capacities from 60 to 100 MGY are modeled to

%9 These factors are derived from the following conversions: 1.11 pounds of C6 sugar per pound of C6
polymeric sugar, 1.36 pounds of C5 sugar per pound of C5 polymeric sugar, each pound of sugars can produce a
maximum of 0.51 pounds of ethanol, and there are 6.55 pounds of ethanol per gallon.

25

pl an



use dilute acid pretreatment, while larger facilities (> 100 MGY) use steam explosion
pretreatment.

1 Ethanol yield is based on the feedstock composition and pretreatment techn ology.
Biochemical compositions (hemicellulose, cellulose, and lignin percentages) for the
feedstocks are based on data from U.S. DOE EERE Biomass Program (2006) and
Hamelinck, van Hooijdonk and Faaij (2005), as shown in Table 6 abov e. The actual
yields are calculated based on projected conversion of hemicellulose and cellulose to
sugars during saccharification, and the fermentation of these sugars to ethanol. The

projected conversion rates for each technology are given in Table 8 above. Yield data
for various feedstocks are shown in Table 9.

1 The total conversion efficiency (HHV) is 38 -41% for dilute acid and 36 -40% for steam
explosion, depending on the feedstock type. Corn stover and pi ne have the highest
conversion rates of the selected feedstocks.

I Capital costdataisb ased on average of results from (Hamelinck, van Hooijdonk and

Faaij 2005; Wooley etal. 1999 ; Aden etal. 2002 ; and McAloon et al. 2000) .*° Each
pretreatment technology has a different base capital cost, which is scaled by facility size

using a typical scaling factor for biofuels of 0.8. The base cost for a midterm dilute acid
facility is $3. 92/gal for a 68 MGY facility, and the cost for a 130 MGY steam explosion

facility is $ 5.46 /gal.

1 Net electricity product ion is based on heat and power production with partially dried
solid residuals (lignin, cell mass) and unfermented sugars (dried to a syrup), fired in a
boiler. The amount of electricity generated is dependent on th e pretreatment
technology. Forthe mid  -term period, electricity production for the dilute acid process is
about 2 kWh per gallon of ethanol produced, following Wooley et al. 1999, while steam
explosion pretreatment gives about 6.3 kWh/gal based on data fr om Hamelinck, van
Hooijdonk and Faaij (2005). Note that the net electricity production for the steam
explosion pretreatment is much higher than other technologies as this method has lower
steam requirements. Furthermore, cellulase is not made on site in the steam explosion
case, which means a larger quantity of non -fermented sugars and residuals are available
for po wer generation.

1 Annual water consumption is calculated based on the annual feedstock input, using data
from Wooley et al. (1999) for near -term dilute acid process. Potential changes in water
consumption for different time periods or for different pretreatment processes are not
included in this analysis.

1 The CO, production stream is estimated by assuming that the amount of CO2 produced
is appro ximately 96% of the weight of ethanol produced, since the theoretical max yield
is 51% ethanol and 49% CO2 (by weight) from sugars.

1 Annual Fixed and Variable O&M costs are calculated based on data in published studies.
Mid - term dilute acid O&M costs are b ased on Wooley et al. (2005), and steam explosion
data is from Hamelinck, van Hooijdonk and Faaij (2005). Variable O&M includes raw
materials (sulfuric acid & lime for dilute acid, ammonia & CSL for cellulase production,
other chemicals) and solids dispos al (i.e. ash and gypsum) . Fixed O&M includes labor,
maintenance supplies, insurance and property taxes

1 The co -product credit for electricity is based on the net electricity available for export
and a current electricity value of $0.0 797 IkWh, base d onthe 2008 average wholesale
price of electricity for industrial sector from EIA ( 200 9) (see footnote 35)

1 The levelized non -feedstock production cost for ethanol is calculated based on the
annual operating expenses and capital cost payment, co -product credit, and quantity of
fuel produced.

Table 9 - Feedstock Composition and Yield Data

40 Note thatthe  BIGCC case and best of industry are excluded from capital cost estimates, as t hey are not
representative of an average facility.
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Yield Actual Yield (gal/ton) (2)

h;ll':)(e%;téc?ll) Short Ter.m Mid Term M(gt;—aerrnm Lgng Term Long Term
Feedstock (gal/dry ton) (Dilute Acid) (Dilute Acid) Explosion) (Dilute Acid) (LHW)
Agricultural Resources

Corn Stover 107.6 72.6 80.6 77.3 86.0 82.0

Wheat Straw 98.8 69.3 76.8 73.6 82.0 77.9
Grass Resources

Switchgrass | 99.7 | 700 77.4 74.4 82.6 78.7
Woody Resources

Hybrid Poplar 109.9 76.9 85.9 81.2 91.9 98.6

Pine 115.1 80.9 90.2 83.7 96.4 103.5
Other Resources

Yard Trimmings / 108.0 63.9 70.0 68.6 74.4 73.4

Green Waste

Mixed Paper 116.2 76.8 86.0 83.5 92.1 98.8

1) Maximum yield values based on sugar content, calculated from EERE's Theoretical Ethanol Yield Calculator
(http://Iwww1.eere.energy.gov/biomass/ethanol_yield_calculator.html)

2) Actual yields calculated based on average conversion values for all feedstocks in short term, and wood for all terms. Agricultural and
grass feedstock yields for advanced mid and long term pretreatment technologies based on average increase of wood feedstock yields
from short to mid term (4.4% of theoretical), as the conversion technology information does not apply to these materials, but other
comparable advanced technologies may apply.

Model Results :

Some of the key cost and performance results for projected mid -term LCEt
Fermentation/ Hydrolysis processes are shown in Table 10 and Table 11. These tables show
results for the range of applicable facility sizes based on selected input quantities,
illustrating the high and low end costs for each pretreatment technology. The analysis
shows tha tin general the non -feedstock production cost of ethanol for dilute acid is slightly
higher than for steam explosion. Although the steam explosion process generates
significantly more electricity, it also has much higher capital and O&M costs than dilute acid.
However, steam explosion has environmental and other benefits that are not accounted for
in this simple economic analysis , which may encourage development of these facilities.

Table 10 - Example Cost and Performance - Mid Te rm Dilute Acid LCEt Hydrolysis

and Fermentation
Sample Model Results - LCEt Fermentation/Hydrolysis w/ Poplar (dilute acid)

Feedstock Input (dry ton/yr) 700,000 1,160,000
Ethanol Yield (MGY) 60 100
Electricity Production (MWh/yr) 120,800 200,200
CO2 Stream (ton/yr) 190,400 315,500
Water Consumption (1000 gal/yr) 373,900 619,600
Capital Cost (Million $) $ 239.7 | $ 359.1
Annual O&M Costs (Million $/yr) $ 209 1| % 34.6
By-Product Credit (Million $/yr) $ 1121 $ 18.6
Non-feedstock Production Cost ($/gal) $ 146 | $ 1.10

Table 11 - Example Cost and Performance - Mid Term Steam Explosion LCEt
Hydroly sis and Fermentation
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Sample Model Results - LCEt Fermentation/Hydrolysis w/ Poplar (steam explosion)

Feedstock Input (dry ton/yr) 1,250,000 1,850,000
Ethanol Yield (MGY) 101 150
Electricity Production (MWh/yr) 642,160 950,390
CO2 Stream (ton/yr) 321,500 475,800
Water Consumption (1000 gal/yr) 667,700 988,200
Capital Cost (Million $) $ 5788 | $ 791.9
Annual O&M Costs (Million $/yr) $ 4671 $ 69.0
By-Product Credit (Million $/yr) $ 5121 $ 75.7
Non-feedstock Production Cost ($/gal) $ 089|$ 0.61
Hamelinck, van Hooijdonk and Faaij (2005 ) estimate the  midterm ethanol producti on
cost from poplar using steam explosion pretreatment is about $1. 67 per gallon for a facility
with 600,000 dry ton per year input. Using similar feedstock cost ($67.16 per dry ton) and
facility size gives a comparable ethanol production cost from the mo del, about $1. 50/gal.
For further comparison, Aden et al. (2002) estimate an ethanol production cost of $1. 59/gal
for a 69 MGY dilute acid facility using corn stover feedstock. “ The feedstock cost from the

study is about $44.77  /dry ton. This gives an et hanol production  cost from the LCEt model
of $1.23 /gal for this configuration, slightly lower than the projection from Aden et al.
Different economic analysis methods may contribute to this variation.

Outlook
LCEt-HF has garnered a significant amount of attention in recent months. Federal
Renewable Fuel Standards have mandated at least 7.5 billion gallons of renewable biofuels
in the nations fuel supply by 2012. More imp ortantly, the terminology used in the RPS
creates an important distinction between gr ain ethanol and lignocellulosic ethanol. As an
Afadvanced biofuel, 0 cellulosic ethanol counts over twi
goal, at 2.5 instead of one compliance unit. This combined with the Obama adn

emphasis on advanced, no  n-grain biofuels , has meant that much R&D and many grants and
subsidies are being funneled into LCEt -HF.

National Efforts
On a national scale, the mandates of the EISA (discussed previously) have put cellulosic

et hanol into the spot | bigdftuMary.campaniéshale bagurc devkloping
processes and test facilities to study cellulosic ethanol production via hydrolysis and
fermentation. Some notable efforts include :

Abengoa Bioenergy ( The Netherlands ). In 2003, Abengoa Bioenergy was awarde d
$35.5 million by the DOE in order to research and develop an integrated biorefinery process

forcell ulosic ethanol production based on distillerés gr
company had begun operating a 1.4 ton per day pilot biorefinery. It now also has a 70 ton

per day demonstration facility and plans a commercial -scale integrated biorefinery in

Hugoton, KS with DOE assistance. This facility is to use both LCEt -HF and thermochemical

(discussed in the next section) methods. (Abengoa, 2009)

BlueFire Ethanol (I rvine, CA). Another awardee of DOE funds for commercialization
of biorefining, BlueFire Ethanol uses concentrated acid hydrolysis on a variety of feedstocks,
including rice and wheat straw, agricultural residues, and sorted municipal so lid waste. It

4. Costs have been converted to 2008$ using CEPCI.
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has undergone permitting and is awaiting final financing for a 3.9 MGY facility in Lancaster,
CA to use sorted municipal solid waste, and is planning another such facility in Fulton, MS.

DuPont Danisco (Itasca, IL). This joint venture betw  een DuPont and Genencor was
formed to focus on the production of bulk biocatalysts and packaged biorefineries using corn
cobs and bagasse as feedstocks for ethanol production. DuPont Danisco has since worked
with the University of Tennessee to plan and co nstruct a 250,000 gpy, $40 million
demonstration facility in Monroe County, TN. This plant is to use corn cobs, switchgrass,
and fibrous biomass as feedstocks.

POET (Sioux Falls, SD) This established corn ethanol produced began researching
cellulosic eth anol production via hydrolysis and fermentation and  developed the BPX
process, which it claims reduces cooking requirements
20,000 gpy demonstration plant in Scotland, SD uses corn cob s and corn stover as
feedstocks. PO ET plans a commercial -scale, 125 MGY plant using this technology as an
add -on to its Emmetsburg, lowa grain ethanol facility. This is to begin operating in late
2011. (POET, 2009)

Mascoma Corporation (Lebanon, NH ) Mascoma was awarded $14.8 million by New
York State for the construction of a 500,000 gpy demonstration facility in Rome, NY.
Mascomabs facility began producing ethanol in January,
build a commercial -scale facility in Kinross, Ml in mid -2010. Mascoma recently enter ed into
an agreement with Chevron Technology Ventures, in which it will supply the lignin
byproduct from its pilot plant to Chevron so that the properties and possible value -adding

products of the lignin can be explored.

This influx of both venture capita | and research breakthroughs, combined with t he
environmental /sustainability benefits of LCEt -HF (see the chapter later in this report on
emissions) compared to grain ethanol, its near -term commercialization potential , and its

reduced threat of direct foo d replacement will make this technology and others like it a
common choice for large scale deployment of biofuels.

Lignocellulosicsto Ethanol: Thermochemical Conversion and Fermentation

In the Lignocellulosics to Ethanol vi a Thermoc hemical conversion an d Fermentation
process, gasification is used to convert biomass feedstocks into a syngas rich in CO and H 2
which is then fermented to produce ethanol. As this technology is based on gasification, it
has a wide range of feedstock flexibility. Furthermore, unlike the LCEt Hydrolysis and
Fermentation process, this process uses the lignin part of the biomass directly to contribute

to syngas production. Gasification requires dried and sized material, so biomass feedstocks
must be pretreated before use.

Techmnology Description

Gasification Overview

Gasification is the process of converting a solid fuel into a gaseous fuel. Gasification is
appealing for biomass because a wide variety of materials , including complex biomass
structures like lignin, can be gasifi ed to create a uniform syngas feedstock. There is a lot of
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flexib ility in the end use of the gas, provided itis cle aned of contaminants. Syngas can be
used to make biobased liquid fuels and chemicals, or it can be used in high - efficiency power
generation systems such as a gas turbine  -combined cycle and fuel cells.

The two main reactions occurring during gasification are as follows:
The Boudouard Reaction: cC+Co,U 2CO 3)
The Water -Gas Reaction: C+H,0U CO+H, 4)

These reactions requir e heat input. In simple gasifiers the heat is drawn from the
combustion of the pyrolysis gases formed during gasification, while in more complex
gasifiers it is provided externally. These reactions produce more syngas from the biomass
and typically leave little unreacted carbon in the ash.

The main challenges facing biomass gasification are as follows:

1 The high moisture content of undried woody biomass;

1 Commercial availability of gas clean -up technologies that are sufficiently robust and
effective to all ow the product gas to be used in a catalytic reactor, fermentation
process, turbine or engine; and

1 The relatively high cost of gasification equipment, which is currently built on a
custom basis.

Furthermore, gasification for power generation is currently a challenge as there is limited

industry experience in using biomass gasifiers in advanced power generation cycles.

In general, the carbon conversion in a gasifier increases as the temperature increases.
Furthermore, a recent study has shown that the fee dstock is an important factor in the
conversion behavior (Moilanen 2006). For example, pine wood has high carbon conversion
at relatively low temperatures, whereas pine bark has relatively low conversion efficiency
even at higher temperatures. Additional ly, straw has high conversion efficiencies above
850 °C, but ash sintering causes operational problems. 42 This study also demonstrated that
the reactivity of the biomass (gasification rate) is dependent on the biomass fuel properties,
the gasifying agent, a  nd the temperature and pressure conditions during reaction (Moilanen
2006). Some of these effects seem to be related to the behavior of the ash -forming
substances during gasification, which are difficult to characterize.

There are currently two principa | types of gasifiers: fixed bed and fluidized bed. The
former is typically simpler, less expensive and produces a low BTU syngas. The latter is
more complicated, more expensive and produces a syngas with a higher heating value.

In fluidized bed system s, steam and/or air are passed through a particle bed and cause
the bed to levitate (i.e., become Afluidizedo). Fuel
composed of inert heat transfer media such as sand or dolomite. Other materials such as
alumina may be used to further enhance the heat transfer. Fluidized bed devices are noted
for their high energy output (per area of bed) and fuel flexibility.

Syngas Fermentation to Ethanol

Figure 7 shows the general arrangement for the LCEt Fermentation/TC process. After
gasification, the syngas is conditioned and compressed for fermentation. In the fermenter
anaerobic micro -organisms ferment the syngas to produce ethanol. Although these

42 Note that these experimental results can be used to describe the characteristics of the fuel, but conversion
in a gasifier will be affected by many addit ional factors, such as the partial pressure of the gasification agent and
the size distribution of feedstock particles.
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organisms generally prefer COtoH ,,the syngas can contain any mixture of these gases for

conversion. The chemical reactions for ethanol production for this process are as follows: a3

6CO + 3H ,0 A CH3CH,OH +4CO », (5)
2CO, +6H , A CH3CH,OH + 3H ,0 (6)
Typical CO conversions reported in literatur e for laboratory scale fermentation are
~90%, while conversions for H » only about 70% (Spath and Dayton 2003).
Figure 7 7 Schematic diagram showing LCEt Fermentation/TC process
|-» Steam
________________________________________ Steam | Steam/ Power —
' Production |- Electricity
I )
Biomass i ! Tail gas Ethanol
L Pre-treatment .. |Syngas | Gas Clean-up . . J
Sizing —| Gasifier > and — | Fermentation (—| Purification
Dryer Compression
ash '
Arrows show process links Cell mass
Source: Diagram based on figure in (Spath and Dayt on 2003)

Unlike the by -products of corn ethanol production, the cell mass produced during
fermentation of syngas is not currently approved for animal feed 4 (Spath and Dayton
2003). An alternate use for the material is to recycle it to the gasifier for re -processing.
The exhaust gas produced from fermentation can be used to produce steam and power.

The steam can be used to dry the biomass feedstock during pretreatment.

Performance Analysis

While a very high percentage of the chemical energy in biomass can be converted to
syngas , not all of the syngas will be converted to ethanol. Estimates of the ethanol yield
produced from biomass with this process can be estimated using the following equation,
assuming all of the syngas produced by the gasifier (afte r conditioning) goes to
fermentation: %

Feed, (ton/day)® HHV(Btu/Ib)3 A, .icasn > C
Ethanol(MGY) = i e ; 7
(MGY) 153 10° "

Where Feed i, is the rate of feed input to the gasifier in dry tons per day;

HHV is the higher heating value of the feedstock;

Egasiiicaiion 1S the cold gas efficiency of the gasifier
C is the conversion rate of CO and H

and gas conditioning; and
, to ethanol, as a fraction of theoretical

43 Source: (Spath and Dayton 2003)

4 Cell mass is also a byproduct of LCEt Hydrolysis and Fermentation, but this has not been widely cons
for animal feed due to the fact that it is mixed with lignin and other non -fermented substances that cannot be
digested by ruminants. Such a substance would be difficult to sell as animal feed, but relatively easy to gasify or
combust for heatand  power within the conversion facility.

45 Source: (Spath and Dayton 2003)

idered
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Projected yields for ~ LCEt Fermentation/TC process are 70 - 105 gallons of ethanol per dry
ton of feedstock (Spath and Dayton 2003). (Yields from LCEt -HF processes are similar at
between 70 and 103 gallons per ton feedstock.) These are lower than the yields from
current grain ethanol production technologies, which are around 100 gal/ton. Spath and
Dayton (2003) note that this is a result of losses from gasification, gas conditioning, and
fermentation steps  that partially counteract the benefits of direct utilization of the lignin
component of the biomass.

Outlook

At present, there are numerous small, fixed -bed gasifiers in use around the world.
These units typically convert wood and agricultural residues into a low -BTU gas for use in
process heating or district heating. These applications have developed as alternatives to
traditional boilers. There has been a significant effort to develop large -scale (>10 MW )
gasifiers for use in a biomass integrated gasification combined cycle (BIGCC). These efforts
have not yet resulted in a sustainable commercial operation.

University of Arkansas and Bioengineering Resources Inc (BRI) have been working on

LCEt Fermentation/TC t echnol ogy since the 1980606s. BRI has a pat

bacteria for the process (Bioengineering Resources 2007), and is part of a team that was

recently selected to build a demonstration facility with funding from DOE (U.S. DOE Feb.

2007). Several other universities have also been involved in research efforts. A notable
private player is highly publici zed biofuels startup Coskata , which has received funding from
General Motors and Khosla Ventures . With a 40,000 gpy = demonstration plan t under
construction and plans to build a50 -100 million gpy facility in an undisclosed location, the
company seems to be the furthest along in commercializing a LCEt - Fermentation/TC
process. However, as yet this technology appears to be a long way from commercialization,
there is not sufficient information about the cost and performance for a detailed model.

Lignocellulosics to Mixed Alcohols: Thermochemical Conversion

Technology Description

The conversion of Lignoc  ellulosics to Mixed Alcohols via Gasification and Thermocatalysis
combines the process described above for syngas production with  a catalyst conversion
step.*® Itis similartothe LCMD i G/FT process that will be discussed later in the context of
diesel substitutes , although the end product s are alcohols , not distillates.  Figure 8 shows a
block diagram for a typical LCMA Synthesis/TC process. Higher Alcohol Synthesis (HAS) is
done in reactors similar to those used for FT and methanol synthesis. The most effective
types of catalysts include modified methanol synthesis catalysts, modified FT catalysts, and
alkali -doped molybdenum catalysts (Nexant Inc. 2006). The modified methanol synthesis
and Mo catalysts show higher alcohol yields than modified FT catalysts. The Mo catalysts
also have the best selectivity for higher alcohols and a high tolerance for CO  , and sulfurin
the syngas (Nexant Inc. 2006). However, although this higher sulfur tolerance requires less
clean -up of the syngas before conversion, it may require sulfur removal downstream in the
mixed alcohol fuel.

%sSee pr evi ou dignecelldsicsotmEthéinol: Thermochemical Conversion and Fermentation o for
details.

further
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Figure 8 - Schematic Diagram of Thermochemical Ethanol Production P
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detail ed process model and economic analysis for a projected thermochemical ethanol
facility. The analysis is

2,205 dry ton/day facility (

equivalent to

772,000 ton/yr

based on the DOE estimates for synthesis yields and selectivity for a

for a plan twith 96% availability).

The NREL model configuration uses an indirect steam gasifier and a conventional
-up and conditioning step includes tar reforming, water
. Clean syngas is converted to

power cycle. The syngas clean

scrubbing (for cooling and quench), and acid gas removal
alcohols in a fixed bed reactor, using a MoS
The alcohol separation section includes dehydration and separation of alcohols. Methanol is

recovered and recycled through the

and higher alcohols.

» catalyst with a very high ethanol selectivity.

alcohol synthesis section to increase yield of ethanol

A portion of the unconditioned syngas is diverted to generate electricity and heat.
Although this model produces exactly the amount of energy required to sustain the process
(con suming 28% of the syngas), an actual plant could vary the energy production

depending on favorable market conditions to buy or sell electricity from the grid.

If all the syngas was converted to alcohols, the ethanol yield would be 110.9 gallons per
dry ton of biomass, and the total alcohol production would be 130.0 gal/ton (Phillips et al.

47 This is a modified Fischer Tropsch catalyst based on the former
performance modeled based on target results. In addition to higher total CO conversion and higher alcohol
selectivity, the projected distribution of ethanol and methanol used in the NREL model differ from current results.
The Phillips et al. (2007) model assumes that 71% of the alcohol production is ethanol, and 5% is methanol. In

contrast, the Dow distribution was 30

-70% methanol and 34.5% ethanol.

Dow/UCC catalyst, with conversion

steam

47
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2007). With 28% of the syngas used for energy production, the ethanol yield is 80.1
gal/ton.

Outline f_or model analysis
The key values and assum  ptions used to calcul ate the advanced technology analysis and
economic performance model for thermochemical ethanol production via higher alcohol

synthesis are described below. An example of the detailed analysis is shown in Exhibit F.

All aspects of the model analysis are b ased on data from Phillips et al. 2007, unless

otherwise noted.

1 Feedstock type and input quantity are variables. Applicable feedstocks include woody
and agricultural residues. The moisture content of these feedstocks must be less than
50% for optimal ope  ration.

1 This model is applicable for facility sizes with greater than 185,000 dry  ton biomass
input per year, following the size range for Fischer Tropsch synthesis which has similar
technology characteristics.

1 As different feedstocks have distinct heatin g values, the feedstock choice affects the
syngas produced in the gasifier and thus overall yields of and composition of the alcohol
products . Yield of ethanol and other alcohols are calculated based on the HHV conversion
efficiency. Ethanol conversion is equivalentto 38.9% of the input energy from biomass,
converted to gallons using a typical ethanol HHV of 84,000 Btu/gal. The yield of other
alcoholsisb ased on an HHV efficiency of 7.6%. Nearly all of this stream consists of
propanol, which hasan HHV o fabout 97,300 Btu/gal.

1 Annual water consumption is estimated to be 1.94 gallons per gallon of ethanol

produced. This water use includes cooling tower make -up, process water, and other
system losses.
9 Capital cost data is based on values from Phillips e t al. 2007 for a 2,205 dry ton/day

plant and a scaling factor of 0.8 which is typical for biofuel conversion facilities.

1 Annual Fixed O&M costs include a labor costs and other fixed O&M. Labor costs are
calculated following Phillips et al. 2007, with a ba se cost of $4,720,000/yr for a 772,000
ton/yr facility. The labor costs are scaled by facility size using a scaling factor of 0.25,
following the Fischer Tropsch analysis (see above for details). The other fixed O&M
costs (maintenance, insurance, and tax es) are calculated as a percentage (4%) of the
total capital investment.

1 Annual Variable O&M costs include consumables (such as catalysts, gasifier bed
material, and other raw materials) and waste disposal. These are calculated on a
feedstock input basis . No electricity purchase is required, as a portion of the syngas is
diverted for heat and power production.

9 The co -product credit for mixed alcohols is calculated following the methodology of
Phillips et al. 2007. The value of the alcohols is estimated to be $1. 87/gal, based on the
current wholesale gasoline prices from EIA of $ 2.39 /gal (average from January 200 8
through February 2009 ), a 78% discount for lower energy density, and a 10 ¢/gal
reduction for potential additional processing requirements befo re use.

1 The levelized non -feedstock production cost for the ethanol is calculated based on the
annual operating expenses and capital cost payment, co -product credit, and quantity of
fuel produced.

Model Results

Some of the key cost and performance result s projected for LCMA Synthesis/TC are
shown in Table 12. This table shows results for the range of applicable facility sizes based
on selected input quantities, illustrating the high and low end costs. The low end feedstock

% The 10 ¢/gal discount is applied to account for the fact that no speci al effort is made to ready the mixed
alcohols for blending or sale.
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inpu t shows the minimum applicable facility size, and the high end was selected to show a

reasonable range of sizes and costs. In general, the analysis shows that the non -feedstock
production cost of ethanol from thermochemical conversion of biomass to mixed alcohols is
relatively low, althoughit is slightly higherthan  the non-feedstock production cost of

ethanol fromthe LCEt Hydrolysis and Fermentation process.

Table 12 - Example Cost and Performance for Ethanol from LCMA Synthesis
Sample Model Results - LCE Fermentation/TC w/ Poplar

Feedstock Input (dry ton/yr) 185,000 1,500,000
Ethanol Yield (MGY) 15.4 125
Other Alcohols Yield (MGY) 2.6 21
Water Consumption (1000 gal/yr) 29,920 242,570
Capital Cost (Million $) $ 765| % 408.2
Annual O&M Costs (Million $/yr) $ 114 $ 23.9
By-Product Credit (Million $/yr) $ 491 $ 39.4
Non-feedstock Production Cost ($/gal) $ 167 % 0.91
Phillips et al. (2007) estimate the minimum selling price of thermochemical ethanol is
$1.27 /gal for a 772,000 dry ton per year facility. 49" The ethanol production cost from the
model for a similar sized facility using a delivered feedstock cost of $  41.24 /dry ton for
poplaris $1.48 /gal. As the Phillips et al. (2007) study is the basis of this analysis; itis
likely that different economic factors and analysis methods contribute to this variation.
The LCMA Synthesis/TC process is very similar to LCM D i FT, such that one would
expect similar capital cost projections and biofuel yields for both processes. However, a
comparison of the example results from the technology characterization models ( Table 21

and Table 12) portrays LCMA Synthesis/TC as having much lower capital costs and higher

yields than the FT process. It is possible that this is due to more optimistic technology

development projections for LCMA Synthesis/TC. There do not seem to be any published
studies showing experimental support for the targets given in Phillips et al. 2007.

Outlook

Although t he process to generate higher alcohols from syngas has been known since the
early 19006s, the technol ogy has ono(Bpath @&t Daytenac hed comme |
2003). As of April 2005, there were no commercial plants that solely produce mixed
alcohols inthe C , to C¢range (Nexant Inc. 2006). However, Range Fuels, Inc. is planning a
demonstration facility to generate ethanol and other alcoh ols via thermochemical conversion
(see details below). The main technical hurdles for higher alcohol synthesis include poor
selectivity to higher alcohols  and low yields. Typical conversion rate for single pass
processes is about 10% production of alcohol s, whichis mostly methanol (Spath and Dayton
2003) . The methanol can be recycled back through the process to generate higher alcohols.

Research and development efforts for HAS have been performed by several companies
since the earl y 19 8moétadvancesdparesseovere telvetoped by DOW, IFP
and Snamprogetti (Spath and Dayton 2003). However, none of these companies are
currently active in this area of research (Nexant Inc. 2006). Recent efforts for
commercialization of the process have been spurred by new catalyst developments, new
project developers, and the interest in alternative fuels (Nexant Inc. 2006). Some of the

49 Production cost converted from 2005%$ to 2006$ using CEPCI.
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current commercialization efforts are described below based on information from Nexant

Inc. (2006):

1 Pearson Technologies ha s a 30ton/ day biomass gasification  with syngas conversion to
alcohols in Aberdeen, Mississippi . Pearsonis a Iso tryingto develop a demonstration plant
in Hawaii.

1 As mentioned above, Range Fuels Inc. of Colorado is developing a 1,200 ton/day (wood
chip in put) demonstration facility to generate ethanol and methanol. This project is
supported by DOE and is scheduled for completion in 2011 (see U.S. DOE 2007).

1 Power Energy Fuels is continuing to work on their proprietary ~ Ecalene ™ process .
Although this p rocessis currently only developed atthe bench -scale, thereare 2 or 3
pilot plants under consideration which would produce mixed alcohols from biomass
sources (wood chips, RDF, and tires ). One of these pilot  facilities is a 2,000 gal lon per
day plantth atwould be located at Wabash River Coal Gasification facility (w ith
ConocoPhillips).

1 Standard A Icohol Company of America is continuing to work on their Envirolene
process. Thisisonlya bench scale process currently, but the company is interested in
develop ing a pilot.

™

Despite this recent surge of development, there are still a number of technical and
economic hurdles that must be overcome for the commercialization of the LCMA

Synthesis/TC process. According to Nexant Inc. (2006, p. 3 -2), the prima  ry technical

barriers include: ithe overall process feasibility to |
ability to scale -up the process to a commercial level, the appropriate process conditions

both in the reactor and upstream units, performance of vario us catalysts at commercial

conditions, catalyst sensitivities, and appropriate syl

scale mixed alcohol synthesis will require detailed consideration of the market interest and
production costs relative to other fuels.

Lignocellulosic-BasedButanol Biofuels

Several options for converting lignocellulosic biomassto biofuels have already been
discussed, including fermentative (biochemical) conversion and thermochemical conversion
to produce ethanol. Alesser  -known lig uid fuel that can be produced from these same
feedstocks is n -butanol, or more rarely its chemical relative, iso -butanol *°. As will be
discussed in more detail, N -butanol and iso -butanol both have key advantages in their
chemical properties over ethanol as a fuel additive or potentially as a stand -alone fuel. This
makes butanol conversion, though still under development and lacking distribution
infrastructure, a tempting technology for biofuels producers to pursue.

Technology Description

One route to  biofuels that is similar to lignocellulosic -based ethanol production via
hydrolysis and fermentation, is to convert lignocellulosic biomass into a longer -chain alcohol
fuel, n-butanol , to produce a high -octane gasoline additive. N-butanol is a four -carbon
%0 |t is important to note that there are four isomers of but anol (C 4H;00): tert -butanol, sec-butanol, n -butanol,
and iso -butano | . While the nonspecific term fibutanol o can refer to any of
by fermentation, n  -butanol is the implied isomer. ABE fermentations, to be discussed later in the report as one of
the most likely ways to make biobut anol, produce n -butanol. While metabolic pathways may be developed to
produce other isomers, such as the higher blending octane iso -butanol, this report will focus on n -butanol. In this
report, Aibutanol 0 wi | lbuthnel, unleseothertvio seiedicated. t o n
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alcohol in widespread use as an industrial solvent, with a US market size of some 370

million gallons per year at a bulk sales price of about $3.75 per gallon . (Hence the annual
market sales represent approximately $1.4 billion.) Following the introduction of oxygenates
in gasoline, butanol was recognized as a viable oxygen -containing gasoline booster,

provided that it could be cost -competitively produced.

Originally produced by fermentation starting nearly 90 years ago (using Clostridium
acetobutylicum ), bu tanol gradually became a petro -chemically -derived product in the 1950s
as the price of petro - chemicals dropped below that of starch and sugar substrates like corn
and molasses. An additional contributor to this shift was the fact thatthe U .S. lost access
to low -priced sugar cane from Cuba in 1954. Virtually all of the butanol i n use today is
produced petro -chemically. (Green Car Congress, 2005)

Biob utanol , purified to the same standards as petro -butanol, can be used in blends with
gasoline. BP and DuPo nt have stated that blends containing up to 16% biobutanol are safe
for use in conventional passenger cars. ( BP/DuPont Fact Sheet, 2008) Biobutanol advocates
have claimed that up to 100% butanol can be used with no engine modifications, but debate
continu es ( ButylFuel , 2006; Green Car Congress, 2005).

From a purely technological perspective (policy and economic factors aside), conversion
of biomass to biobutanol can happen in two ways:
1. Athermochemical conversion that relies on heat and pressure , often co mbined

with biochemical processes
2. A biochemical route that relies on microorganisms

Thermochemical Route

Since 1994 , Wilhelm Keim and his research group at the University of A achen have
performed R&D under a DOE  -sponsored , Air Products -led program using  syngas (a mixture
of carbon monoxide and hydrogen created thermochemically  , as described in the previous
section ) as a feedstock for butanol production (Verkerk, 1999). The syngas can
theoretically be made into butanol in a number of ways. It can be con verted to methane
and subsequently fermented by methane -consuming organisms , or fermented directly in the
presence of a biocatalyst. It can also be reacted in the presence of a chemical catalyst in
order to form a range of different alcohols. Because the re arendt any truly select
catalysts for these reactions, a diverse mixture of chemical products are formed that incur
significant separation costs. What catalysts exist appear to have high production costs and
are not currently produced at a commercia | scale.

Due to the relatively far ~ -term commercialization potential of this thermochemical route,
this report will focus on the nearer -term technology of the biochemical pathway to produce
butanol, described below.

Biochemical Route

Biochemical producti on of n -butanol from lignocellulose begins with particle size

reduction and pretreatment of the biomass feedstock in order to expose long -chain cellulose
molecules to enzymes designed to break them into simpler component sugars asin the
LCEt-HF route. Clostridia > (traditionally) or other types of bacteria like E. coli (in some

1 Many different strains of the bacterium Clostridium  (most commonly  C. beijerincki and C. acetobutylicum )

process xylose to form a mixture of solvent chemicals. Clostridium is not, however, the only type of bacteria that
can be used. Asw ill be discussed later, E. coli and other bacteria have been engineered to produce ABE mixtures.
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newly developed technologies) then anaerobically process the sugars into acids and the

acids into a mixture of acetone, ethanol, and the desired product, n -butanol.  This mixture

is known as AABEO and such biological processing
Subsequent separation units remove pure n -butanol from the dilute fermentation broth.

Figure 9 - Basic steps in the production of biobutanol via batch fermentation
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Considering the process in more detail, f eed preparation begins with particle size
reduction in order to increase the surface area of the biomass and thus its vulnerability to
chemical attack. This is a common step in either ethanol or butanol production. Either hot
water or ammonia is then used to expand the cellulose fibers and make the biomass more
accessible to cellulase and amylase enzymes. Enzymatic hydrolysis reduces specific long -
chain molecules & hemicellulose and cellulose, or amylose and amylopectin d into mono mer
sugar components. These simple sugars can include both six -carbon (e.g. glucose,
mannose) and five -carbon (e.g. xylose, arabinose) molecules.

After feed preparation, there are a number of possible fermentations t hat can be used to
transform the simple sugars into n -butanol. The most traditional method, depicted in Figure
9, is ABE fermentation, in which the sugars are fermented in a two - step fermentation with

Clostridia , usually C. aceto butylicum or C. beijerincki . Clostridia process five - and six -
carbon sugars at nearly equal rates (Ezeji, 2008), making them ideal for wood and other
heavily lignocellulosic materials.

In the first step of fermentation, acidogenesis, the bacteria convert sugars to acids that
gradually lower the pH of the solution. At some critical pH, the bacteria begin a
solventogenic step in which the acids are converted to a mixture of ketones and alcohols of
which acetone, butanol and butanol are the most important. In traditional ABE processes
with C. acetobutylicum , these products are produced in a ratio of about 3: 6: 1 (acetone:
butanol: ethanol) by mass. More recently studied strains of Clostridia , suchas C.
beijerinckii P260, have demonstrated better selectiv ity for butanol production, with product
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ratios of about 3 : 16 : 1 (acetone : butanol : ethanol) by mass (Qureshi, 2008). Hydrogen
and carbon dioxide are co  -produced in this  fermentative conversion process.

As the butanol concentration increases during fermentation, it begins to inhibit cell
membrane activity, including the uptake of sugars that keep the bacteria alive and the
uptake of butyric acid, butanol ds precursor. Fer ment a:
of butanol where the bacteria can no longer process such precursor acids. (Lee, 2008)
Bioengineering and gene splicing have improved this butanol tolerance from 20 g butanol/L
broth for traditional C. acetobutylicum  to nearly 40 g/L for modified strains of E. coli (Van
Noorden, 2008). Se lectivity has also been improved so that butanol far exceeds acetone
and ethanol in the product mixture (Lammers, 2008; Qureshi, 2008).

Another possible fermentation that has sparked renewed interest in biobutanol has been
developed by researchers at Ohio State University and promoted by David Ramey of
ButylFuel, LLC. In this pathway, a fermentation with C. tyrobutyricum  replaces the first
phase of the biphasic fermentation described above. C. tyrobutyricum  processes sugars
into butyric acid (the precurs or acid for n -butanol) and hydrogen with almost complete
selectivity, meaning that there are only very small amounts of acetone - and ethanol -
precursor acids in the product mixture. This butyric acid solution is then pumped into a
fibrous bed reactor where C. acetobutylicum  converts butyric acid into butanol, exactly as in
the second stage of traditional ABE fermentation. The main difference is that without a feed

containing significant levels of the precursor acids for ethanol and acetone, C.
acetobutylicu m can produce almost exclusively n -butanol. (Yang, 2006)
This latter pathway is still subject to the same bacterial butanol poisoning constraints as

the ABE process, but offers better selectivity. As the process has only recently been

patented, and appe ars to have been tested only in individual phases and only at a bench

scale, costs, productivity, and yield potential remain unclear. ( Ibid ) The technol ogyds
devel oper s are currently also consi Gdyrobutygcunra ®hybri do
used t o convert corn hydrolyzate into butyric acid as above, but with the second

fermentation step replaced by a thermochemical hydrogenation step. This utilizes the

hydrogen co -product from the initial fermentation step. (Ohio State University, 2008)

Again, t his technology appears to be in its infancy, with little data available.

A final fermentation pathway was recently developed by researcher James Liao at UCLA.
This method, licensed by Gevo, uses a modified strain of E. coli to process glucose into not
n-butanol, but ratheriso  -butanol. The highly engineered bacterium can process six -carbon
sugars, but not five  -carbon sugars. Its butanol tolerance is relatively low, at 2% butanol by
volume, but the isomer it produces has several advantages 2 over the usua | fermentation
product, n -butanol. These advantages may allow this conversion pathway to compete with
those of higher yield and more versatile feedstocks. (Van Noorden, 2008)

After any type of fermentation, a series of separations processes are used to remove the
desired product, pure butanol , from the mixture of dead bacteria, water, and (in some
cases) acetone, and ethanol. Traditionally, this has entailed an energy -intensive series of

%2 |so -butanol offers several advantages over its isomer n -butanol, with which the rest of this report is
concerned. Itis even less miscible with water than n -butanol, making it attractive from a fuel distribution
stand point. Most attractive, however, is the higher octane number of iso-butanol (Motor Octane Number  (MON) of
89 foriso -butanol versus 78 for n-butanol, 102 for  ethanol and 81 -89 for gasoline ). This allows refiners that
produce gasoline for blending with a biofuel to reduce the severity of their reforming processes, leading to  higher
gasoline yields or product revenue per barrel crude oil. Higher MON also reduces engine knocking. While neither
isomer of butanol can compete with the MON of ethanol, iso -butanol has a blending advantage over n -butanol.
Both butanol isomers are at least comparable to gasoline in MON.
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distillations, but many innovative separations processes have been proposed and/or
implemented at a pilot scale. Pervaporation 3 can be used toremove n  -butanol insitu from
the fermenting broth and limit butanol poi soning of the Clostridia . The pervaporated
mixture of water and solvents, primarily butanol, must still b e distilled to remove butanol,
but the radically decreased water content decreases the energy requirements of the overall

process. As energy costs are often a key deciding factor in the techno -economic viability of
a conversion process, this type of in si tu butanol removal could greatly contribute to the

overall viability of n  -butanol production for fuels. Liquid -liquid extraction and argon -gas
stripping are also more efficient contenders for butanol removal. Reverse osmosis has been
proposed as an econo mical solution, but at a bench scale it is cri ppled by membrane fouling.
(Lee, 2008)

The question of overcoming the limits imposed by butanol poisoning of Clostridia has led
to modifications to the traditional batch fermentation. A fed batch process would rapidly
poison the bacteria with butanol. Because the fermentation occurs in two steps, a purely
continuous process would produce only acids rather than an ABE product. (A single -stage
continuous process would require that both steps occur simultaneously, rather than in
series, in order to reach significant amounts of ABE product.) The most efficient
fermentation appears to be a multistage continuous process, or a fed batch process with in
situ butanol recovery. (Lee, 2008) The former would dedicate sep arate reactors for each
fermentation step, so one colony of bacteria would operate under the correct conditions for
acidogenesis and the other under the correct conditions for solventogenesis. The latter, in
situ removal in batches, would mean that sugar s could be replenished during fermentation
to optimize the fermentation rate, without butanol accumulating beyond the bacterial
tolerance.

Apart from fermentation process structure, other optimizations have been made by
tweaking the chemistry of the ferm entation broth. Buffers can be added to increase the
amount of acid produced before the critical pH is reached, thereby increasing the amount of
butanol precursor available. Stimulants like furfural and hydroxymethyl furfural increase
the activity of  Clostridia and the rate of fermentation. (Lee, 2008)

The extensive bioengineering of Clostridia has worked toward fermentations that
selectively produce butanol rather than ethanol and acetone. (These products will still occur
in small amounts, however, an d could be marketable as solvents.) Another research target
has been to increase the hydrogen yield of the fermentation process, while boosting the
butanol productivity. In a natural fermentative process, some of the hydrogen produced b y
Clostridia would be used (inter -species transfer) by methane -producing bacteria
(methanogens) in the inoculum. Reducing or eliminating the methanogens is thus one
approach to increasing the ultimate yield of hydrogen. Researchers have found that heat
treatment is one of t  he effective techniques for accomplishing that. A Clostridium bacterium
will form a bacterial spore in the presence of heat, and thereby survive. The methanogens
are non -spore -forming; the heat kills them. The application of heat thus effectively selects
for the Clostridia population and so for production of hydrogen, while eliminating the
competing process of methanogenesis. An additional benefit of using heat rather than
some other selection technology is the possibility of recycling low level heat fro m the
fermentation and distillation processes.

53 Pervaporation is the separation of two liquids using a membrane through which one liquid preferentially
evaporates. The vapor is thus concentrated in a particular component, and can be condensed and used as is, or
can be further concentrated with further pervaporation stages.
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Performance and Cost Analysis

Researchers at a bench scale have used multistage continuous or immobilized cell

processes to attain 112  -139 gallons butanol per ton of glucose feed (Lee, 20 08). Values for
a li gnocellulosic feed are apparently unpublished, but the similar reactivity of Clostridia with
hexose and pentose would indicate similar yields of butanol per gram of hydrolyzed

lignocellulose s. Yields calculated on the basis of research by Qureshi et al (2 008) for C.

beijerinckii range between 50 and 55 gallons per dry ton lignocellulosic feedstock. For
comparison, mid -term lignocellulosic ethanol technology could be expected to yield 70 to 80
gallons of ethanol from the same amount of feedstock. (Ethanol has a lower energy
density, however, so this comparison is not the entire story. This will be addressed below.)

Few biomass -based n -butanol plants are active today, even fewer utilizing
lignocellulosic pathways. (Those plants will be discussed below, as well as companies and
research institutions with notable butanol development efforts.) Little plant cost and
productivity data has been reported, so any extensive biobutanol production analysis must
be based on detailed engineering process simulations

One currently operating example of a pilot plant, albeit not one producing the
commonestn -but anol i somer , i s Gevobs 20 ;b0tand pilgt fagilitylai gnocel | u
recommissioned ethanol plant in Colorado . While the technology driving this facility was
licensed from researcher James Liao and probably centers on E. coli, the overall production
process is proprietary and its details remain uncl ear.
that such a retrofit incurs capital costs of $0.25 to $ 0.30 per gpy installed capacity. Gevo
announced that the next step is to partner with ethanol plant designer ICM Inc. to build a
larger, one million gpy facility at ICM's  biofuels research center in St. Joseph, Mo.
(Lammers, 2008 ) This facility is schedul ed to come on line during Summer 2009. (Gevo,
2009) The company is currently developing a customer base for commercial -scale iso -
butanol production (  Ibid ).

ButylFuel, LLC (ButylFuel LLC, 2009) has pro vided some preliminary production cost
data, which i t hopes to confirm by completing tests on its Bu -100 (100 gallons n  -butanol
per week or 5000 GPY) demonstration plant and its Bu -1, 000 pilot plant. The com
cost estimates claim that it can produce biobutanol from corn for about $1.20 per gallon,
not including a credit for the hydrogen produced. The company compares this with ethanol
production costs of about $1.28 per gallon. (Both of the se calculations use a feedstock price
of corn at $2.50 per bushel.) As a further point of reference, ButylFuel LLC suggests that
butanol produced from petroleum costs about $1.35 per gallon to manufacture. The
economics of the ButylFuel, LLC process are claimed to be even more attractive when
cellulosic waste material is used as feedstock instead of corn: the price to produce a gallon
would drop to $0.85. The cost assumed for this Afwasteod f dsadkaowmw c kthe case
of suc h a waste utilization, the cost to grow and prepare corn or another dedicated
feedstock for fermentation, by far among the major cost items, would be eliminated

A simple calculation puts this feedstock cost in perspective. Based on University of
Missouri Agricultural Publication G4020 (Murphy, 2001), one bushel of shelled corn weighs
56 Ib. Using the aforementioned total production cost dat a, one can determine the feedstock
component of the production cost of bi obutanol . I nterpreting Leebs (200
gallons butanol per ton of glucose feed as 74.3 gallons per ton of corn and using ButylFuel
LLC6és cost data (bot h 1.p8rperdallon aind feedstackocsst of $2.560 psr
bushel corn cost) leads to a feedstock element of $0.82/gallon of biobutanol and
$0.38/gallon for capital and operating expenses. This confirms the high cost of feedstock in
the production of biobutanol from corn.
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Gapes (2000) presents detailed estimates of capital and annual operating cost for two n

butanol facilities the author designed in the 19806s.
fermentations, one a batch process and the other a continuous proce ss. The batch facility
would produce 4,500 metric tons (1.14 million gpy) of ABE annually. Capital investment
(and all related figures updated to $2008) would be 1.6 million EUR ($3 .31 million ), or
about $2.91 per gpy production capacity. Production cos ts would be 0.8 million EUR ($1 .66
million ), or about $1.42 per gallon.
In the case of a 7.58 million gpy continuous process, capital costs would be $ 9.34
million , or $1.37 per gpy. Production costs would be $ 3.62 million per year, or about $1.24

per gal lon. ( Ibid ) This would suggest that continuous processes are both less expensive to
operate and cheaper to build. However, because the two plants have different production

scales, their per -gallon costs can only be used as an order - of-magnitude estimate, and
cannot be directly compared.

In the general case of lignocellulosic feedstocks, capital and materials handling costs can
be expected to increase, while the feedstock cost can be expected to decrease. ANTARES
calcul ations present ddsiirmc tEh éh amboil pn seeltliwn of
capital costs for lignocellulosic ethanol plants can be as much as six times a s large as for
corn -fed plants. This radical increase is due to equipment for additional processing steps,
longer pretreatmen t and fermentation residence times, and lower yields per ton of
feedstock. Operating costs appear to almost double between corn and lignocellulosic
feedstocks. If a similar ratio holds for n -butanol plants, this may indicate that decreased
feedstock cost s for lignocellulosic materials may not compensate for increased capital and
operating expenses.

Outline for Model Analysis
The important values and assumptions used to construct the biobutanol production
model are described below. A detailed presentatio n of the model is shown in Exhibit F .

1 Key model variables are:

o feedstock type (switchgrass, hybrid poplar, pine, mixed paper, or wheat
straw)

o Yyearly plant feedstock consumption (on a dry basis)

o0 technology timeframe (near, mid and long)

1 The different feedst ocks have different yields of butanol per ton, so capital cost
was scaled differently for each feedstock to account for the fact that two plants of
the same biobutanol output capacity that use two different feedstocks will have
to handle different amounts of the raw feedstocks. Thus, the size of the front
end equipment (like feed handling and pretreatment tanks) will have a different
relationship to the back end equipment (like secondary distillation columns and

fuel storage tanks) for different feedstocks with different yields. The differential
scaling to compensate for this was done b
handling and storageodo or fAfermentationo)
equipment roster.

I Feedstocks were assumed to contain 30% moistu re as received. This is intended

to be a conservative estimate, so that feed handling equipment will be sized to
have slightly excess rather than inadequate capacity. Most feedstocks should

have less than 30% moisture. Corn stover generally has 15% mois ture (Aden,
2002). Wood chips are highest in moisture as received with as much as 50%

water (Wooley, 2000), but air dried wood is generally 15 -20% moist (Scurlock,
2003).

this re

ased on
rat her
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1 Capital cost data was drawn from three detailed economic assessments of
butanol and ethanol production. Front  -end major equipment costs were
individually sc aled from a study by Aden et al (2000) of a lignocellulosic ethanol
plant. Because feed handling and pretreatment are comparable for lignocellulosic
ethanol and lignocellulosic butan ol (the same sugars are made accessible for
fermentation in the same amounts, despite the different organisms used), the
front end of each type of plant should be very similar, despite different
subsequent process steps. Equipment for s accharification and  all subsequent
process step s was modeled after a corn butanol cost study done by Wu et al
(2007). Fermentation volume requirements were determined to be
approximately the same for both types of feedstock (lignocellulosic  and corn) ,
since residence time a nd butan ol tolerance were similar for the two cases. When
no more detailed capital scaling factor was available, 0.6 was used as per
McAloon et al (1999). All costs were inflated to 200 8% using the CEPCl index as
described in Exhibit C . A Lang factor >* of 3.15 was used, based on the implied
Lang factor used by Aden et al (2002), who used installation factors and
contingency factors to generate a total installed cost. This was in good
agreement with the effective Lang factor generated from the major equipme nt
roster by the individualized Lang factor cost estimation method of Peters and
Timmerhaus (1980), which was 3.08. The larger result was used in order to give
a more conservative estimate.

1 Yields were calculated based on the relative amounts of hemicellul ose and
cellulose in each feedstock, as fermented with C. beijerinckii P260 . Qureshi et al
(2008) performed laboratory studies of batch fed -simultaneous saccharification
and fermentation (SSF) of wheat straw using this organism. Their mass balance
is the source of the yield used in the model, 0.42 g ABE/g hydrolyzate.

Hydrolysis efficiencies were based on earlier work by ANTARES (2007): 90%

(cellulose) and 95% (glucose) hydrolysis efficiencies. Though a different

fermentation organism is used, these val ues are very similar to the yield and
efficiencies reported in the corn butanol case with C. beijerinckii BA101 :0.465
g/g hydrolysate and 93.2% hydrolysis efficiency. The relative distribution of the

ABE products (the mass ratio between acetone, ethanol, and butanol) is assumed
to be the same as in the Qureshi (2008) study and the same for all feedstocks.

1 Conversion efficiency isb  ased on the HHV data  presented by Qureshi et al ( 2000)
on a dry mass basis. Only the desired liquid fuel products -- butanol an d ethanol --
are counted toward the output energy value. Acetone is considered a byproduct
for the purposes of this study.

0 N-butanol HHV: 37.5 MJ/kg
o Ethanol HHV: 29.2 MJ/kg

1 Operating costs were scaled from a detailed techno -economic assessment of a
corn butanol plant by Wu et al (2007). As with capital costs, O&M costs were
scaled individually  either by feedstock or product volume as was most applicable.
Unfortunately, the operating cost estimates given by Wu (2007) and McAloon
(1999) did not itemize ut ilities or materials requirements between pretreatment
and subsequent process areas to the extent necessary for operating costs to be
scaled separately as per the lignocellulosic ethanol case. Thus, pretreatment
operating costs, with the exception of enzy me costs, are assumed to have the
same costs as corn pretreatment. Because enzyme costs are the most significant
of the pretreatment costs (McAloon, 1999), this use of well -characterized

5 A Lang factor is a multiplier used to estimate a total in stalled plant cost based on the plant
equipment cost. This is used for preliminary cost estimation, when the details of piping, electrical work, and siting
are not yet known accurately.
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lignocellulosic enzyme costs may minimize the inaccuracy of the over all operating
cost value. This analysis assumes that the same materials (lignocellulosic

biomass) are being hydrolyzed into the same desired products (six
sugars) in both ethanol and butanol processes, and thus enzyme costs for
lignocellulosic buta nol should be similar to those of lignocellulosic ethanol. The
later, when identical materials are

differences in process parameters only occur
fermented by different organisms.

-carbon

1 The model assumes an enzyme cost of $ 12.08 /ton cellulose and $4.37/ton
starch, based on average enzyme costs of $0.18 and $0.0206 respectively per
gallon lignocellulosic ethanol. (Aden et al, 2002).

Model Results

Sampl e r esults from the biobutanol production and cost analysis model are presented in
Table 13 below. Although the theoretical nature of the engineering studies used to derive
this model mean that its results should be considered only preliminary, it indicates costs of
production that are significantly higher per gallon than those of ethanol pr
HF. Whether real -world data will verify this higher per gallon (and per
will become apparent as operating data from demonstration plants becomes available.
Clearly, improved butanol yields could help close this econo mic

Table 13 i Biobutanol Cost and Performance Model

Example

Sample Model Results

gap.

oduced via LCEt

-BTU) production cost

Results

Feedstock Type Wheat Straw Wheat Straw
Feedstock Input (ton/yr) 442,478 1,327,434
Yield Biobutanol (MGY) 25 75
Conversion Efficiency (HHV) 35.49 35.49
Consumables and By-Products

Acetone Yield (99.5%; tons/yr) 37,911 113,733
Ethanol Yield (99%; tons/yr) 2,044 6,133
Biobutanol Production Costs

Fixed O&M ($/yr) $ 48,402,835 $ 101,890,985
Variable O&M ($/yr; does not include feedstock

cost) $ 9,132,354| $ 27,397,062
Byproduct Credit ($/yr) $ 35,361,775/ $ 106,085,326
Annual Operating Cost ($/yr) $ 22,173,413 | $ 23,202,720
Total Capital Investment ($) $ 197,424,154 | $ 384,642,391
Fixed Charge Rate 12% 129
Non-Feedstock Production Cost ($/gal) $ 1861 9% 0.94

Outlook

At the global scale, 3.5 million metric tons of n

-butanol are produced annually via
gent at three times the price

petrochemical pathways and sold as a solvent and chemical rea
of ethanol (Van Noorden, 2008). Though installation of more production capacity could be
expected to reduce this price, n -butanol today is a much higher

-value product than ethanol.




This lure of a high  -priced solvent market co  uld bring biobutanol producers online and
increase production volumes until fuel butanol becomes cost -competitive with fuel ethanol.
If equal production costs are achieved, the advantages of n -butanol over ethanol (explained
below) would make biobutanol t he preferred fuel. Biobutanol produced from traditional ABE
processes had a much higher production cost than petro -butanol, leading to the decline of
biobutanol in the 1940s and 1950s. More productive, more butanol -tolerant
microorganisms, more energy -efficient separations processes, and different feedstocks are
needed to reduce this margin to the point of feasibility.

The strengths of biobutanol include: its technical and materials overlap with bioethanol;

little necessary retrofitting of existing infras tructure; and its behavior with water. Its
disadvantages center on comparatively low yields, its toxicity to humans and other
mammals, odor and (possibly) blending octane number. N -butanol 6s specific advani
include:
1 Biobutanol could take advantage of many aspects of the ethanol boom of the last

decade. Butanol can be produced from the same feedstocks 0 both cellulosic and

non -cellulosic & with very similar equipment. Ethanol plants can be

recommissioned or converted to butanol plants with little modific ation and at low

cost. Pilot butanol plants can be constructed as additions to existing ethanol
plants in order to share equipment and reduce capital cost.

1 N-butanolis non -hydroscopic and non -corrosive, and does not dissolve and
transport contaminants common to petroleum piping and tanks . This would
make pipeline transport of gasoline/butanol blends, unlike gasoline -ethanol
blends , possible . Ga soline -ethanol blends are currently prepared by transporting
the components individually and blending them in depots and distribution
centers.

1 For the refiner, butanol has several possible advantages. Due to its relatively low
vapor pressure (the Reid Vapor Pressures for n -butanol and ethanol are 0.33 and
2.0 respectively) ; n-butanol could be used at higher co ncentrations than ethanol
in gasoline blends without alt ering carsobé existing VOC capture s
2008). Alternatively, for the same commercial Reid Vapor pressure specification,
a higher amount of butanol than ethanol can be blended in commercial gasoline .

1 N-butanol has a higher energy  -to-mass ratio than ethanol (88%, rather than
70% the energy density of gasoline), leading to a higher fuel efficiency blend
(Cascone, 2008).

One important consideration when discussing the energy density of n -butanol is the
overall energy conversion efficiency of the biobutanol process. While n -butanol does have a
higher energy density than ethanol, it also generally has a lower yield per ton of feedstock.

Based on data presented in the biochemical lignocellulo sic ethanol chapter of this report,

one ton of switchgrass can be estimated to yield 5.3 MMBTU (LHV basis) in ethanol fuel if

processed with dilute acid pretreatment. Using n -butanol yield data from Qureshi et al

(2008) for a lignocellulosic feedstock, th e same amount of switchgrass could be expected to

yield 4.8 MMBTU (LHV basis) of butanol and its ethanol co -product. Despiten -but anol 0s
high energy density, the overall energy yield of the n -butanol fermentation is less in this

case. A similar calculati  on for several other lignocellulosic feedstocks leads to varying levels

of disparity between lignocellulosic ethanol and n -butanol. In the case of wheat straw,

energy Yyields are nearly equal. However, s uch simple calculations do not consider the entire
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life cycle of the fuel. Lower energy inputs  for product separation could provide n-butanol
with a better overall energy balance tha n ethanol.

Another important consideration is engine compatibility of butanol. Engines appear to
tolerate butanol well: BP has claimed that blends containing up to 16% butanol are safe for
passenger cars (Fact She et, 2008) *°. Butanol producers claim that n -butanol/gasoline
mixtures are fully compatible with conventional gasoline engines, damaging neither the fuel
systems nor th e engines of modern cars. (ButylFuel, LLC, 2009) No detailed research has
been published to support this claim. BP states that it has tested blends of butanol and
gasoline in conventional car motors, but it is unclear what the extent of this testing has
been. It has not released any data apart from its 16% blending claim. (Fact Sheet, 2008)

This lack of a consensus  between motor manufacturers and fuel refiners as to if, and how
much, butanol is safe for engines, may lead consumers and fuel developers to avoid the risk
of an unendorsed, nonstandardized fuel technology.

In considering the possible effects of butanol on conventional fuel systems, one must

note that butyric acid is the precursor for the n -butanol in the biobutanol process. Complete
removal o fthe butyric acid from the fuel component seems to be a minimum requirement to

prevent pitting and corrosion of metal engine parts. Engines require many non -metal parts,
which also must be checked for compatibility with butanol. Viton ® elastomers, acom mon
fuel system material, have been shown to swell and soften less in pure n -butanol than in
gasoline blends (DuPont, 2007). Butanol fuel proponents suggest that this allows the Viton

® components a longer service time and improves durability when used wit h butanol rather

than gasoline. In actual practice, however, the reduced swelling (i.e. shrinking of already
swollen material) of the engine packing materials may introduce engine leaks if not resized
to accommodate a lower degree of swelling.

Butanol pro ponents cl aim that from July 14 to August 15, 2005
was successfully driven across the U.S. on pure butanol. (ButylFuel LLC, 2009) Others put
this in perspective by pointing out that the butanol used was commercial, petrochemical -
grade butanol purchased from Ashland. (Green Car Congress, 2005) Proponents note a
beneficial environmental performance during these tests in ten states: they claim emission
reductions of hydrocarbons by 95%, carbon monoxide to 0.01% and nitrogen -oxides by
37% for the pure butanol fuel. High altitude performance is not discussed. (ButylFuel,
LLC, 2009)

Industry Perspectives

Overall, butanol appears promising for its compatibility with existing vehicle technology.
Another important question to be examin ed is butanol s compatibility wit!l
distribution infrastructure. Logistically, the best advantage of n -butanol is its behavior with
water. Because butanol is only slightly miscible with water, butanol/gasoline blends show
no separation inth e prese nce of water. (BP, DuPont, 2006 ) While good for fuel processing
and transport, this also reduces but does not completely eliminate the risk of groundwater
contamination in the event of a butanol spill or leak. Due to the low density of butanol, i tis

likely to form a slick on the surface of a body of water rather than an underlying layer or an

% Due to a scarcity of biobutanol, no demonstration car s appear to be on the road. The question of how much
biobutanol maximizes performance, or what maximum level of biobutanol is non -damaging to engines has been
rarely studied in literature. All data appears to have come out of BP. Early BP press releases endorse use of
bi obutanol at 10 vol % concentration (GCC, 2008). At a German ener gy
presented data supporting their endorsement of 16% blending ( Ibid ). The non -BP data that is available pertains
to butanol blending wi  th diesel rather than gasoline. Researchers used branched -chain iso -butanol rather than
straight -chain n -butanol, and found that engine performance reached a peak between 30 and 40 vol% butanol (Al
Hasan, 2008). This could suggest the use of biobutanol a s an additive to diesel fuel, as well as to gasoline.
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emulsion, and quickly evaporate. (Butanol MSDS) While there appear to be no studies
examining butanol contamination in groundwater, MSDS data indicates th at butanol
biodegrades quickly, especially upon exposure to air. Groundwater contamination is more
likely in cases of a release into soil than into water or air. ( Ibid )

The most significant drawback to butanol seems to be its acute toxicity to humans an d
other mammals. Animal testing indicates inhalation toxicity 1.6 times greater than that of
ethanol, ingestion toxicity ten times as great as ethanol and skin toxicity four to five times
that of ethanol. (Butanol MSDS, Ethanol MSDS) Gasoline is reported ly less acutely toxic
than butanol or ethanol by ingestion, but possibly more toxic than both upon inhalation or
skin exposur e. Because of gasoline additives |like ben:
health concern is chronic exposure. (Gasoline MSDS) T hough butanol 6s chronic ef
appear to be limited, its acute effects are cause for health and safety concerns for both end
product users and production employees (Cascone, 2008).

Finally, consumer acceptance may be limited due to the offensive cod li ver -like smell of
butyric acid, even when present in only trace amounts.

Research and Development

BP announced that it will be working with the University of California, Berkeley, on a

$500 million, 10 -year program, part of which will be devoted to resear ch on improving
biofuels such as butanol. And last year BP announced a partnership with DuPont to develop
new technology for making butanol. DuPont will provide expertise in biotechn ology.

BP and DuPont have taken advantage anflbidethamolfisyner gy o
production by constructing a $400 million bioethanol facility in the UK. The first phase of the
DuPont - BP venture will consist of using existing technology to convert sugar beets into

30,000 tons, or 9 million gallons, of biobutanol annuall y at British Sugar's facility in
Wissington, England, east of Cambridge. ( Associated Press , 2006) The companies plan to
eventually either add a biobutanol facility to the site or convert the plant to biobuta nol

production (BP, DuPont, 2006 ).

A smaller co mpany, Gevo, has made headlines for buying exclusive rights to the
technology developed by James Liao (n ow on Gevobs adv of&JOLAyescribednci | )
earlier in this chapter . Gevo has garnered a remarkable amount of venture capital funding
from source sincluding Virgi n Green Fund, Khosla Venture Capital , and the Malaysian Life
Sciences Development Fund. Gevo, founded in 2005 by researchers at CalTech, has

recently part nered with ICM, Cargill (which licensed Gevo afully or partially fermentative
butan ol production technology), and Total Oil and Gas. As noted above, it has both a
working pilot butanol plant and a one million gpy iso -butanol facility scheduled to begin

production in 2009.
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Pulp and Paper Biorefiningg Hemicellulose Extraction

Technology Description

Pulp mills may already be classified as biorefineries . However, enhanced pre  -processing
and treatment of byproducts may allow these facilities to expand their product slate. By
adding either finished biofuels or important intermediaries, thes e established mills can

increase the value of the incoming feedstock and leverage substantial processing and
handling infrastructure. ~ °°

Paper can be made in different ways: from completely fresh woody material, from
recycled paper material or a combinatio n thereof. Since the second path is purely
reprocessing of material, the following discussion will concentrate on the production of
paper from fresh woody material. This material comes to the paper mill in the form of
whole logs. Both bark and wood consis t of three basic long - chain compounds:
hemicellulose, lignin and cellulose. Of these three components, it is the cellulose that forms
the large st portion of paper. The paper making process can be properly viewed as a
pathway for stripping cellulose materia | from lower -value hemicelluloses and lignin, while
using these byproduct materials in ways that extract their maximum value.

Traditionally, paper mills fall into one of two major types: Kraft mills (over 80% of the
paper mills in the U.S.) or mechanical mills (EPA, 1990). A Kraft mild]l app
a hot solution of concentrated sodium hydroxide and sodium sulfide, to wood that has been
stripped of bark and chipped. This chemical digestion breaks down hemicellulose and lignin

while leaving cell ulose fibers largely intact. The process typically lasts one to three hours.

Mechanical |iquids/solids separation with screens or s
|l iguor, 06 the depolymerized hemicell ul ose andddm gnin di.
sulfate and sodium carbonate. This is concentrated through evaporation and then burned to

provide heat to the energy -intensive digesters. Regenerated sodium hydroxide and sodium

sulfide are recycled to the digesters. (Amidon, 2008)

The digestedwo od <chi ps, now fibrown stock, 0 are forced with
of water, where the cellulose fibers expand and are rinsed of contaminant black liquor. This
Abrown stock®d is the bas elkepaotuets. Foathe pfoductioncobpurd b o ar d
white paper a bleaching step will follow. Bleaching can reduce stock mass by as much as
5% and reduce cellulose fiber strength by reducing the amount of lignin bound to cellulose
(PTF, 1995). Either white or brown stock is made into paper and cardboard r espectively by
extrusion onto wire mesh and subsequent drying and pressing.

Mechanical mills , which do not attempt to remove the lignin from the cellulose fraction,

process the wood fibers by grinding wood chips with refiner plates, usually after a stea m
treatment step to expand the fibers and make them less resistant to tearing. This is

extremely energy intensive, and produces more physical cuts in the cellulose fibers , which
decrease the strength of the pulp when used in paper. Modern mills consume a bout 2600

kWh per ton of pulp product (Paprican, 2008).
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Figure 10 - Conventional Kraft Mill Process Design

Although several types of biorefining have been proposed, each one exploits the same
idea: that hemicellulose and lig nin are worth more as co - products than for their simple
heating value. Hemicellulose comprises between 19 and 32% of the mass of de -barked
wood chips, lignin 22 -31%, and cellulose 40  -45% (Ragauskas, 2005). This means that less
than half the input mass can be converted into pulp products 0 nearly as much as is
currently burned for its fuel value. There are a large variety of technology routes to better
utilize hemicelluloses and lignin. Hot Water Extraction (HWE) is an option of particular
interest for both the pulp mill application andthe LCEt-HF technology described earlier
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Hot Water Extraction was described in a previous section  as a pretreatment process in

the context of LCEt -HF. Water is used to soak a woody feedstock, dissolving (and to some
extent hydrolyzing ) the hemicellulose components and thereby making the cellulose
components of the feedstock more accessible to digestion . Hemicellulose , a polymer
comprised of five - and six -carbon monomers , can be dissolved and extracted as oligomers
(shorter -chain polymer subcompo nents) using hot water. Research has shown that near -
complete extraction can be accomplished with treatment times of around two hours > After
this pretreatment is performed, t he hemicellulose -rich water extract and the woody

compone nts of the feedstock are moved together through process steps that degrade

cellulose and allow fermentation of its component sugars.

In the case of pulp and paper biorefining, the hemicellulose -rich water does not remain
with the cellulose -rich woody so lids, but ratheris separated from them. The solids are then
processed into paper products rather than ethanol. Only the hemicellulose solution is
processed into ethanol, rather than all components. Lignin, which is irreducible to simple
sugars and thus n ot fermentable, is used for fuel/heat, while the cellulose remains available
for paper production. By virtue of this separation, the hemicellulose is used as a liquid fuel
precursor rather than for its simple heating value 0 its ultimate fate in traditional pulping.
The process as proposed by Amidon et al (2008) is shown below in Figure 11.

After extraction , the hemicellulose (resident in the extraction liquor) is subjected either
to autohydrolysis or enzymes that partially reduce i t to a solution of simple sugars: xylose
and arabinose. These sugars can be fermented with microorganisms to form ethanol and
potentially butanol . (Thisis discussed subsequently inthe sectiononb iobutanol ). The
wood chips, now about 25% deficient o f hemicellulose, enter the digestion phase, where
lignin and the remaining hemicellulose are extracted as black liquor and burned. Frederick
et al (2006) proposed the same basic process for pine pulpwood, but considered the
chemical effect s ofthe amount of hemicellulose removal. While nearly all hemicelluloses
can be extracted, this removal comes at the expense of cellulose mass. The long residence
times required to extract nearly all the hemicellulose results in a portion of the cellulose
being extract ed as well. In context of value, this has the effect of transferring mass  from a
primary product (paper) into a blower -value b iofuel co-product. Atlower extraction
efficiencies, less cellulose is co  -extracted, but less hemicellulose is extracted for lig uid fuel.

The ideal operating point  will depend on product and co -product values. F or pine , one study
suggest s that the point will be near 5% total mass removal, where little cellulose is leached,
but around 15% of available hemicellulose is extracted. (F rederick, Finland, 2006)

57 Amidon et al (2008), using hardwood as feedstock.
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Figure 11 - Process Schematic Proposed by  Amidon et al (2008)

Performance and Cost Analysis

There are tradeoffs to be considered in this approach. Hemicellulose extraction with hot
water leads to compl icated water supply issues. At a commercial -scale throughput, atwo -
hour residence time for extraction implies a large amount of water and tankage, probably
equal to those of the existing digestion reactors. Thus, non -bleaching water requirements
and rea ctor space may be approximately double. There is also an additional reactor heat
requirement dwhi ch researchers have deemed fismall 6 but not
2006) 0 and less heat is generated as result of less hemicellulose in the  black liquor
available for combustion.

However, extracting hemicellulose before digestion also means that the digester need
not process it. In theory, this reduces the amount of caustic and sodium sulfide required to
process the chips into brown stock, as well as th e residence time of digestion and thus
digester volume. Since hemicellulose is a far easier molecule than lignin to attack, these
reductions may be small, but the increased porosity of the extracted wood chips might
eliminate the need for sodium sulfide altogether (Amidon et al, 2008) . Moreover, lignin has
a far higher heating value than hemicellulose meaning that there is a relatively smaller
energy loss than fuel mass loss upon burning.

A final complication may be reduced strength of paper products w ith near -complete
removal of hemicellulose. Researchers have shown that cornstalk -based paper *® tears most

%. Cornstalk paper has been investigated as a way to increase utilization of agricultural byproducts, particularly
in Midwest states with relativel y low forest inventories and large agricultural volumes. While still at only a bench
scale, cornstalk paper appears to have been the only type of paper whose properties have been examined as a
function of hemicellulose content.
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easily and binds least effectively when hemicellulose is greatly reduced (Ahmed, 2006).

Removing 17% of the total mass of cornstalk in the form of he micellulose and trace
cellulose (62% of the total amount of hemicellulose present) led to poor pulp binding and

low tear energy ( Ibid ). Conventional wood -based pulp generally  contains 19 -32%
hemicellulose bymass , but hot wat er e xt rstagetramo nvd sf hemigalulose and
lignin could reduce hemicellulose levels in wood -based pulp by 95% or more (depending on
the chosen extraction time) leading to pulp hemicellulose contents of onlyl -2% by mass
How this will affect paper quality remains un determi ned. However, it is possible that this
presents a boundary condition for the technology, since mills must carefully preserve the

quality of their ~ product stream (their pulp and/or paper).
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Based on data from a recent HWE analysis paper (Amidon, 2008),i tappears that a
mature application of HWE might result in a hemicellulosic ethanol yield of 136 gallons per
ton hemicellulose feedstock. As the process is still early in development, capital cost and
mill energy consumption changes are based on engineerin g simulations rather than plant
construction data, and hemicellulose extraction appears to have only been tested at pilot
scale. The largest extraction reactor for which data has been published measured 65 ft
was run as a batch reactor rather than co ntinuously (Amidon, 2008). Commercial scale
wood chip processing would require a continuous throughput. While t here is published data
on the fermentation efficiency of simple sugars, xylose and arabinose with microorganisms
to form either butanol or etha nol, the effect of hot water extraction -specific by -products
(particularly sulfur) on the fermentation remains unclear.

3 and

Frederick et al (AIChE, 2006) estimated the ethanol -related portion of the total annual
production cost of pulp and ethanol from extrac ted hemicellulose at a thermochemical pulp
mill to be $1.47 per gallon in $2008. The researcher s
price ranged from $2.42  -$3.11 ($2008) for facilities producing 6 -16 million gallons per year
(Frederick et al, Finland, 2006 ). They compared capital costs of lignocellulosic ethanol
facilities to make either ethanol and pulp fibers or ethanol alone, and found that integrated
hemicellulose extraction required less capital, but had twice the break -even price. They
concluded tha tit would be more economical to produce ethanol alone, rather than fiber and
ethanol.

Mao (2008) simulated a hemicellulose HWE process for a small (2.7 MGY ethanol), a
medium (3.8 MGY) and a large (5.5 MGY) Kraft pulp mill. These simulations indicated
capital costs between $9.70 and $11.0 5 per gpy installed capacity. Ethanol -related annual
operating costs ranged between $14.4 million (small) and $27 million (large).

Frederick and Amidon both considered hemicellulose extraction at thermochemical Kraft
mills, rather than thermomechanical pulping plants. Thermomechanical mills could also be
candidates for hemicellulose extraction, because they already handle large volumes of
process water containing hemicellulose. Such streams, however, are typically ve ry dilute
(0.5g/L) (Persson, 2008), so the economic feasibility of utilizing this hemicellulose depends
on concentrating it so that fermenters and reactors can be of reasonable size.

Persson et al (2008) estimated the economic feasibility of hemicellulos e extraction in a
thermomechanical pulp mill based on a computer simulated scale -up of laboratory data.
Using ultra - and micro -filtration to separate hemicellulose from process water taken from a
thermomechanical Swedish pulp mill, they estimated a cost o f$88/ton (ori ginally 04670/ to
hemi cell ul ose extracted and concentrated to 30 g/ L. A

%9 Pulp hemicellulose conten t for Kraft mill from Roberts, 1996. The range presented is for hard - and softwood
feedstocks.
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estimates, this translates to $0.56 spent on extraction and concentration alone per gallon

ethanol produced o fermentation, purification, and chemical analysis would raise this value

dramatically . W hile the final concentration is excessive for fermentation purposes and the

cost thus overestimated, Perssonébés cost analysis sugge:
thermomechanical pulp mills may be infeasible due to the high dilution of their

hemicellulose -containing streams

Outline for Model Analysis
1 The important values and assumptions used to construct the hemicellulose
extraction/ethanol production model are described below. A detailed
pre sentation of the model is shown in Exhibit F.
1 Model inputs are:

o feedstock type (Southern pine, eucalyptus, silver birch, and blue spruce;
chosen due to widely available composition data and the fact that they
represent both hard - and softwoods )

o yearly pla ntfeedstock consumption (on a dry basis)

1 The facility was modeled as a retrofit to an existing pulp mill. The model

assumes no land purchase, and all costs are incremental to the costs of the
existing mill.
1 Only part of the available hemicellulose (15 % by mass) was estimated to be

extracted. This value was chosen based on data presented by Frederick et al
(2006), in which hemicellulose removal and cellulose removal were tracked as a
function of time. Cellulose (destined for pulp production) remains alm ost
completely undissolved by hot water treatment until a time corresponding to

15% removal of hemicellulose. After this point, the slope of the cellulose

solubility line increases dramatically, and larger amounts of cellulose are lost

from the pulp produ ct to the ethanol product.

1 Feedstocks were assumed to contain 30 wt% moisture as received. Air dry wood
contains 15 -20 wt% moisture (Scurlock, 2008), but green wood inputs can
contain as much as 50 wt% moisture. 30% was chosen as an intermediate value
SO as not to grossly under - or over -size processing equipment.

1 Suggested feedstock costs (which are not included in operating or production
costs presented, but rather only for reference) are conservative estimates of
feedstock cost, drawn from the North Ca rolina Timber Report and previous
ANTARES studies.

I Capital cost data was drawn from two detailed economic assessments of ethanol
production. Mao et al (2008) constructed a cost estimate for retrofitting a
hemicellulose extraction facility onto an existing Kraft mill, based on detailed
process simulations in ASPEN. This study determined a scaling factor of 0.699
for capital cost and a Lang factor of 3. It did not take into account the extra
tankage required for the hot -water extraction, so additional tank s were added to
the capital cost presented here. Frederick et al (2006) also performed an
economic assessment, which agr e &ldcostsaveré wi th Maods
inflated to 200 8$ using the CEPCI index

1 Energy balance data from Mao et al (2008) was u sed to estimate utility demands
for the facility. Non  -labor, non -feedstock variable operating cost assumptions are
based on previous ANTARES technology models (2008), which scaled these data
from McAloon et al (1999). Electricity and natural gas were pric ed as the 2008
industrial sector average, based on EIA data (2009). Labor was allocated as in
Brown (1999) and priced by ANTARES experience.

1 Reduced pulp yield due to diversion of hemicellulose mass to ethanol production
is added to the overall cost of pro duction. 2008 U.S. market prices for bleached
pulp (NBSK, or long -fiber northern bleached softwood Kraft pulp) range d between
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$700 and $800/ton based on FOEX PIX

chosen as a pulp value and discounted 20% to account f

transportation cost in

the value of the pulp

as delivered prices. $750 per ton was
or the lack of a
to the mill. R eduction in pulp yield

was calculated based on a digestion hemicellulose removal efficiency of 80%,
based on average Kraft pulp hemicellulose content of 12.5%.

1 Yields were calcula ted based on the relative amounts of hemicellulose and
cellulose in each feedstock. As per Amidon et al (2006), who present typical
values for fermentation and hydrolysis efficiencies, the model uses 90%
fermentation efficiency and 90% hydrolysis efficien cy.

1 Conversion efficiency is b

ased on the HHV data

from the EERE feedstock

database and is presented

initially present i

on a dry mass basis. Only
- ethanol --is counted toward the output energy value.
n the feedstock is counted as input energy.

1 The ethanol production volume is presented as ethanol

gasoline.

Model Results

the liquid fuel (by) product
The total hemicellulose

denatured to 95% with

Sample results from the hemicellulose extraction production and cost analysis model are
presented in Table 14 below. Itis important to note that though non
costs are high compared to grain and lignocellulosic ethanol technologies, the feedstock cost

is |likely to be
each product line: pulp and ethanol.

very

| ow,

-feedstock production

d e p e n gulpwapd is debitadeagaingt h e
This is a function of the small mass fraction of a wood

feedstock that would be used to produce the fuel co

-product . Masses of feedstock in the

examples below are stated as whole wood, rath
from that wood.

Incremental Bioethanol Production Costs

er than as tons of hemicellulose extracted

Table 14 i Example Cost and Performance f rom HCEt Model
Sample Model Results
Feedstock Input (ton/yr) 2,539,683 634,921

Yield Bioethanol (MGY)
Consumables and By-Products
Pulp Yield (dry ton/yr)

Water Consumption (1000 gal/yr)

16.0 4.0
1,100,843 275,211
134,732 33,683

Fixed O&M ($/yr) $ 6,940,586] $ 3,974,016
Variable O&M ($/yr) $ 17,944,950 $ 4,486,237
Reduction in paper yield ($/yr) $ 17,839,630 $ 4,459,907
Annual Operating Cost ($/yr) $ 42,725,166 | $ 12,920,161
Total Capital Investment ($) $ 65,939,113 | $ 25,020,914
Fixed Charge Rate 12% 129
Non-Feedstock Production Cost ($/gal) $ 3171 $ 3.99
Outlook
The deployment timeline and commercial outlook for HWE in biorefining is complex &

more so than

for HWE in LCEt-HF. HWE as a part of a pulp mill involves the integration of
new and existing facilities in an industry that is short on capital and profits. Stand

-alone

ethanol plants, on the other hand, must consider some kind of pretreatment for

cost

of



lignocellulosic biomass & the concern in this latter case is which technology to choose, rather
than whether to produce biofuels at all.

Research and pilot scale testing suggests that the technology has merit, but because it
relies on integration with existing mills, protec tive measures and compromises will be made
to preserve the quality of a milldés primary product, p
some skepticism in the literature as to whether the introduction of the technology will
actually i mprove iae. Howdvér&ince theotechnolagy i$ relatively early in its
development and a large demonstration project is not available for testing, there is probably
much that remains to be seen with respect to challenges and benefits for full integration of
the tec hnology. That said, it is clear that if the technology can improve the economic and
environmental performance of a pulp mill, it could play an important part in preserving a
U.S. industry that is finding it ever more difficult to compete in a global econom y.

Lignocellulosics to Gasoline: Upgrading Pyrolysis QOil

Lignoc ellulosics to Gasoline via Pyrolysis and Upgrading ( LCGa Upgrading/Pyrolysis)
involve s the conversion of b iomass to bio -oil via fast pyrolysis , and then upgrading via
hydrotreatment follow  ed by hydrocracking ata petroleum refinery  to produce a hydrocarbon
fuel. In this process the bio -0il is mixed with petroleum products during some stage in the
refining process, which enables usage of advanced refinery technologies and economies of
scale. In the following discussion the general method of biomass pyrolysis will first be
reviewed, followed by an analysis of the development of bio -0il co -processing in refineries.

Technology Description

Biomass Pyrolysis

Pyrolysis of biomass is a rapid the rmal process conducted in an environment without
oxygen to prevent combustion. By controlling temperatures and reaction times, pyrolysis
can be used to convert solid biomass materials into a liquid oil comprised of low molecular
weight fragments of the li gnin, cellulose and hewnoiicledl lcualno sbee. usTehdi s
directly as a substitute for petroleum fuel oil in boilers and gas turbines. Alternately, bio -oll
can be further treated to produce refined fuels or natural chemicals such as adhesives,
resins , polymers and flavorings. A variety of biomass feedstocks have been used for
pyrolysis, including wood, bark, paper, bagasse, corn fibers and other agricultural residues.
The bio -oil yield primarily depends on the processing conditions with the rate of h eat
transfer and product vapor residence time being the key parameters. Feedstock
composition, principally the ash component, can also be a factor but plays a lesser role.
Under optimum process conditions liquid yields of 60 -80% by weight can be realized (Ensyn
Group Inc. 2001).

To prepare the biomass for fast pyrolysis, the feedstock is dried to less than 10%
moisture content and sized to small relatively homogeneous particles. This is important to
ensure a rapid heat transfer. In commercial pyrolys is processes, the reaction occurs in a
fluidized bed reactor using an inert material such as sand to transfer heat to the incoming
biomass particles. This process occurs so fast that the biomass is flash vaporized, becoming
a mixture of gas, vapor, aeroso Is and solid char. Fast pyrolysis produces higher yields of
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the liquid fraction in bio  -oil than conventional pyrolysis, with a typical composition of 75%
liquid, 12% char, and 13% gas (Ringer, Putsche and Scahill 2006). 60

The pyrolysis step typically occ urs at temperatures around 450 -500°C, at atmospheric
pressure, with a reaction time from less than one second to several seconds. After the char
is separated out (using a cyclone), the vapor product is rapidly cooled and condenses into
liquid bio -oil. The remaining non -condensable gas is recycled within the process and used
as a fluidizing gas for pyrolysis and as a fuel combined with the solid char to provide
process heat.

The bio -oil product is an oxygenated fuel that consists primarily of carbon, hydro gen and
oxygen and small amount of nitrogen and sulfur. The exact composition of the product
depends on the feedstock composition and the reaction conditions.

Co-processing b_io-oil in petroleum refineries

Crude pyrolysis oil can be used directly to pro duce heat and power. However, upgrading
bio - oil to a hydrocarbon fuel via hydrotreatment and hydrocracking can significantly
increase the value of the product by producing fungible gasoline and diesel fuels.
Hydrotreating and hydrocracking are well -devel oped processes currently used for rejecting
nitrogen, oxygen and other heteroatoms ®1 from crude petroleum oils. This potential
upgrading approach is the focus of efforts to co -refine pyrolysis oils with petroleum.

One of the main issues with crude bio -oil is the lack of stability over time. According to
Ringer, Putsche and Scahill (2006), bio -0il viscosity increases with time at much faster rate
than petroleum products. Such highly viscous oil cannot be used as motor fuel.

Furthermore, the  separation b etween aqueous and organic phases that accompanies the
increase in viscosity is also a problem for usage. Char fines in the bio -oil seem to be a
critical factor causing this lack of stability. Advanced technologies that can successfully

remove fine parti  cles can significantly increase the shelf life of the product and are currently
under development.

Other potential issues with bio -oil include re -vaporization from liquid state and potential
environmental and health effects. Bio -oil has a very complex ¢ hemical composition, and
more than 300 specific compounds have been identified so far  (Ringer, Putsche and Scabhill
2006). Some of the compounds present are known carcinogens, and experimental tests
have shown mixed results with respect to health risks. F urther, although bio  -oail
biodegrades in soil more easily than petroleum -based hydrocarbon fuels, its acidity can be
harmful to water environments in the event of large spills (Ringer, Putsche and Scahill
2006).

Additionally, incorporation of new fuels int 0 a mature and accepted framework can be
difficult. Using bio -oil directly as a transportation fuel would likely require engine
modi fications and new i nf rfbic-bils coold be upgraded chemiwadiwte r , f i
produce a product that looked more like petroleum hydrocarbons , then the end use device
would require little to no modification. This would be the fastest way to gain acceptance of
biomass -based fuels into the existing infrastructure. 0 (Ringer, Putsche and Scahill 2006, p.
27)

% Conventional pyrolysis involves lower reaction temperatures and long residence times, and typically results
in nearly equal fractions of liquid, gas, and char produced ( Bridgwater 2007).
®fHeteroatomd is an organic chemistry term used to describe any
52 A 6-month shelf  (equivalent to that of petroleum products) life can be achieved with the addition of alcohol
or other solven ts and removing the char fines. The fine particle removal is difficult and somewhat analogous to

gas-clean up from gasification. Additional research is needed in order to find an easy, effective, low - cost solution.
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The bio -oil upgrading process primarily involves oxygen removal by hydrotreatment

followed by hydrocracking. Catalytic hydrotreating and cracking deoxygenate the bio -oil
and reform the remaining carbon and hydrogen into hydrocarbon compounds in the gasoline

and dies el boiling point range. Since the carbon oxides and water are removed,t hese
processes reduce the yield of the liquid product of bio - oil (by weight), although

hydrotreating gives higher yields than catalytic cracking (Ringer, Putsche and Scahill 2006)
The hydrocarbon product from catalytic cracking  processes is also dominated by aromatic
compounds which limits the amount that can be blend ed into motor fuels (Ringer, Putsche

and Scahill 2006)

Pyrolysis oil contains a mixture of products including water - soluble oxygenated
compounds (derived from the hemicellulose), and insoluble pyrolytic lignin (UOP 2005).
The pyrolytic lignin is a lower molecular weight version of lignin, which results from the
thermal conversion of biomass feedstocks. This component of the pyrolysis oil is lower in
oxygen and has a higher energy content than the water soluble portion. It can be
separated out via gravity separation or by adding water to the pyrolysis oil to precipitate out
the insoluble pyrolytic lignin portion. Hyd rotreatment of the pyrolytic lignin requires less
hydrogen than the pyrolysis oil because of the lower oxygen content, and can also be done
at mild reaction conditions.

High oxygen and acid content are two challenge s for processing bio -oils. Typical refi nery
feedstocks like crude oil have little or no oxygen, but pyrolysis oils have oxygen contents on
the order of 35 -45% (UOP 2005). The pyrolytic lignin has less oxygen than the water -

soluble carbohydrate portion of the bio -oil, and therefore requires les s hydrogen
consumption during the upgrading process. However, the carbohydrate portion of bio - oil
has been shown to be a promising feedstock for reforming to hydrogen which could provide

a synergy with co  -processing of both components of the bio -o0il. The water soluble portion

can also be used as a fuel to generate heat and power for the upgrading process.

Pyrolysis oils are much more acidic than other refined fuels. The acidity of refinery
processed feedstocks is measured by total acid neutralization (TAN) number. % The TAN for
crude is <1, while a typical pyrolysis oil has TAN of 78 (UOP 2005). This level of acidity
requires processing in stainless steel vessels, which are expensive and not standard in
refineries. Pretreatment of the pyrolysis oils can be done in stainless steel vessels to reduce
the acidity, making co  -processing in conventional downstream vessels possible.

Figure 12 shows a potential arrangement for producing pyrolysis oil and co -processin g in
a petroleum refinery. The biomass feedstock is first sized and dried for pyrolysis. After the
reaction, the pyrolysis oil is separated into components - the oil fraction and pyrolytic lignin
are co -processed to produce conventional fuels while the w ater - soluble components are
converted into oxygenated products. Process residues are used for energy generation.

Figure 12 7 Schematic Diagram of the LCGa Upgrading/Pyrolysis Process

% Total acid neutralization number is defined as the number of milligrams of potassium hydroxide to neutralize
on gram of feedstock (UOP 2005).
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Performance and Cost Aalysis

Bio-oil yield is affected by a number of factors, including feedstock composition, reaction
temperature and heat transfer rate, and amount of inert gas in the reaction environment.
Furthermore, the mineral matter in biomass acts a s a catalyst for cracking and
polymerization during pyrolysis, which affects the composition of the bio -oil product (Ringer,
Putsche and Scahill 2006). However, despite the importance of many factors in bio -oil
production, the heating value of the product is relatively constant (on a dry basis) at about
7,500 -8,000 Btu/lb (Ringer, Putsche and Scabhill 2006). This is only a slight reduction from
the heating values of the biomass feedstocks used for pyrolysis, which are generally around
8,500 Btu/lb.

The wa ter content in the biomass feedstock is also an important factor in bio -oil
production. In fact, even pyrolysis of bone -dry biomass produces bio  -oil with 12 -15 wt%
water (Ringer, Putsche and Scabhill 2006). Any moisture in the input biomass will contribut e
to an even higher percentage of water in the bio -oil. Aswat eris an unfavorable component
in bio -oil, and also acts as a heat sink, it is advantageous to remove as much water as
possible from the incoming biomass before pyrolysis.

Upgrading bio -oil is important for a number of reasons. Hydrotreating and
hydrocracking bio-oil converts it to a hydrocarbon fuel that can be blended and transported
with petroleum fuels. This provides access to a wide infrastructure already in place.
Upgrading can also si  gnificantly increase the value of the bio - oil.

The ratio of pyrolytic lignin to water soluble pyrolysis oils is such that in the near term, a
substantial electricity/steam plant should accompany development of any fuel project based
on this technology to  ensure maximum use of the incoming resource. As complete and
efficient use of incoming feedstock is critical to any project, the energy/liquid fuel product
ratio will be an important consideration in siting. A potential alternative for the long -term is
to reform the water -soluble portion of the bio  -o0il to generate hydrogen for use in the
upgrading process. Although the reforming technology is currently too expensive to support
a stand -alone pyrolysis oil upgrading facility, is it a possible future develo pment.

The evolution of pyrolysis oil production and upgrading is assumed to be as follows:
1 Shortterm : no pyrolysis oil upgrading technologies available (still in research phase)
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1 Midterm : hydrotreating / hydrocracking of pyrolytic lignin and oil fractio nin a separate
(skid -mounted) process co -located ata conventional refinery; resulting products
blended with petroleum products for storage and distribution.

1 Longterm : no analysis of the technology for this period. However, hydrotreating /
hydrocracking the pyrolytic lignin and oil fraction via co -processing in a stand -alone
refinery, then reforming the water -soluble portion of  the bio-oil for hydrogen production
is a potential long -term scenario.

Outline for model analysis
The key values and assumpti  ons used to calculate the mid -term technology analysis and
economic performance model for LCGa Upgrading/Pyrolysis  are described below. An

example of the detailed analysis is shown in Exhibit F.

1 Feedstock type and quantity are variables for input. Types of materials that can be used
for pyrolysis include woody and agricultural feedstocks. The applicable size range for
the model is biomass input of 30,000 - 800,000 dry tons per year, based on reported
facility sizes in UOP 2005; Ringer, Putsche and Scabhi I 2006; and Polagye, Hodgson and
Malte 2007 .

1 The facility is assumed to be operational at full load 330 days per year, which is
equivalent to a capacity factor of 90%.

1 Pyrolysis yield depends on feedstock type, and the values used are based on publishe d
data from Ensyn and Dynamotive (Ensyn Group Inc. 2001; Dynamotive Energy Systems
Corporation 2000).

1 The conversion efficiency of biomass to pyrolysis oil is estimatedtobe 66-83% (on an
energy basis) depending on the feedstock, with bark giving the lo west yield and bagasse
and mixed paper giving the highest. This is calculated using the HHV of the feedstocks
and typical pyrolysis oil properties .

9 Pyrolytic lignin (including the oil fraction) is the only portion of the bio -oil that undergoes
hydrotreatm ent/ hydrocracking for upgrading to hydrocarbon fuels, and the
hydrotreatment and hydrocracking units are sized based on this feed stream.

9 The pyrolytic lignin content (weight percentage) for all herbaceous feedstock s based on
values for bagasse, and percentage for woody feedstocks is based on data for softwood
(from Dynamotive Energy Systems Corporation 2000)

1 The only significant by  -products of pyrolysis oil production are solid char and non -
condensable gases. Itis assumed both of these products are recycled into the process
to use as a heat source and fluidizing gas for the reaction. There are several products
from upgrading, including gasoline and diesel, light hydrocarbons and the un -treated
water -soluble bio oil. Gasoline is the primary product, accounting for 30% of the
converted pyrolytic lignin (by weight).

1 The diesel and light hydrocarbon by -products are valued at $1.76/gal and $0.93/gal
respectively, based on the average 2005 wholesale values from EIA AER 2005. o4

1 The water -soluble bio -oil c an be co fired with natural gas (or refinery off -gas) to pr ovide
heat and/or electricity. This material needs to be co -fired because of its relatively high
water content (20 -30%) and low heating value (5,000 Btu/lb on a moisture -free basis).
If the water -soluble bio -oil was not combusted it would become a disposal liability. To
simplify the model, it is assumed that the value of the heat/electricity produced from co
firing the water -soluble bio -oil offsets the cost of natural gas consumed for combustion.

As such, there is no net value or cost associated with the water -soluble component of
the bio -oil.

1 The yield of the concentrated CO > generated from h  ydrotreatment is derived from UOP
2005. No value is assigned to this stream in the analysis.

% For comparison, the projected values of diesel and Liquefied Petroleum Gasin 2015 are  $2.04/gal and

$1.34 /gal ($633/ton), respectively (EIA AEO 2007).
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Water consum ption is estimated b  ased on data from Ringer et al. 2006. According to
Ringer et al. (2006), a 200,750 dry ton per year facility uses about 160 thousand gal/hr

water, mostly for cooling. Itisa ssum ed that only 2% of this water is lost in blowdown,

so th at the annual consumption is about 28,000 thousand gal/ year. Thisvalueis scaled
based on feedstock input . No additional water consumption is added for

hydrotreatment.

Capital costs for the pyrolysis process and hydrotreatment are calculated separately, as

they have different size and economies of scale.

Total capital investment values for pyrolysis oil production for a range of sizes were

available from various sources. % These values were used to determine a relationship
between facility size and capit al cost, shownin  Figure 13. A scaling factor of 0.8 is used
for capital cost calculations.

The capital cost for hydrotreatment is based on a value of $30 million for a unit that

processes 2,250 barrels per day, and a standard scalin g factor of 0.6 (UOP 2005).
Variable O&M costs for the process include electricity and other utilities, hydrogen gas

for hydrotreatment, and waste disposal. These annual costs are estimated individually

based on plant size. Electricity ¢ ost for pyrolysis oil production has been updatedto 5.7
cents/kWh based on the 2005 average cost for electricity in the industrial sector from
EIA (2006). The electricity cost for hydrotreatment has not been updated as there was

not sufficient detail in the published stu dies, but the difference is expected be minimal

and would not have significant effect on the production cost.

Annual fixed O&M costs include labor, maintenance, insurance, overhead, and other

costs. Except for the labor component, these costs are estimate d as a percentage of
total capital cost. The labor portion only applies to the pyrolysis oil production process,

and is scaled based on project size using a relation derived from the available data from
Polagye et al. (2007) and Ringer , Putsche and Scahil | (2006). This relationship is shown
in Figure 14.

The levelized non -feedstock production cost s for gasoline are calculated based on the
annual operating expenses and capital cost payment , co - product credit, and quantity of
fuel produced.

Figure 13 i Capital Cost and Plant Size Relation for Fast P yrolysis

% Sources: Ringer, Putsche and Scahill 2006; Polague et al. 2007; UOP 2005; and Cole Hill Associates 2004
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Model Results
Some of the key cost and performance results projected for
Table 15. This table shows results for the range of applicable facility sizes
based on selected input quantities, illustrating the high and low end costs. In general, the

are shown in

analysis shows that the non

-feedstock production cost of gasoline w

LCGa Upgrading/Pyrolysis

ith this method is quite

expensive. This suggests that further development is needed to make pyrolysis oil with
upgrading competitive with other biofuel technologies. For example, co
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refinery could have significant impact on the productio

can be overcome.

Table 15 - Example Cost and Performance for

n cost if the processing challenges

LCGa Upgrading/Pyrolysis

Sample Model Results - LCGa Upgrading/Pyrolysis w/ Wood

Feedstock Input (dry ton/yr) 30,000 800,000
Crude Pyrolysis Oil Yield (MGY) 4.6 122
Gasoline Yield (MGY) 0.5 135
Diesel Yield (MGY) 0.1 3.3
Light Hydrocarbon Yield (ton/yr) 839 22,380
CO2 Stream (ton/yr) 7,600 202,620
Water Consumption (1000 gal/yr) 4,180 111,420
Capital Cost - pyrolysis (Million $) $ 77 % 97.4
Capital Cost - hydrotreatment (Million $) $ 48 $ 34.6
Annual O&M Costs (Million $/yr) $ 23 $ 41.3
By-Product Credit (Million $/yr) $ 08] $ 21.8
Non-feedstock Production Cost ($/gal) $ 6.20 | $ 2.90

Outlook

Until recently there were only two very active
pyrolysis oil technologies

Each compan y has a patented pyrolysis technique and a wide range of
. Their products have been tested and used

bio - oil from different feedstocks

companies that developed commercial

- Ensyn Corporation and DynaMotive Energy Systems Corporation.

experience producing
in various

application s. By 2005 Ensyn had 7 commercial RTP ™ biomass plants , and the largest plant

can process 160 green tons of wood per day
Systems Corporation reached
pyrolysis BioTherm ™ plant in Ontario
ton/day biomass pyrolysis plant
Corporation 2006)

UOP, a specialist in refining process technologies, became active in r

(Ensyn Corporation n.d.)
commercialization
. DynaMotive also completed their first
in December 2006 (Dynamotive Energy Systems

Dy naMot ive Energy
in 2004 with a 110 ton/day biomass
modular 2 20

enewable fuel

technology, forming a separate Renewable Energy & Chemicals business in late 2006. Since

t hen, UOP has

commerci al
from biological feedstocks and has also developed process techno

the UOP/ Eni

logy to produce renewable

i zed

jet fuel under a contract from the U.S. Defense Advanced Research Projects Agency

(DARPA). UOP has ongoing research efforts in

generation feedstocks working with organizations such as the U.
Nati onal

(DOE), the DOEOGsS

biofuels , with specific focus on second -
S. Department of Energy

Renewabl e Energy Lab,

U.S. Department of Agriculture (USDA) Agriculture Research Service Eastern Regional

Research Center (ARS -ERRC). In 2009 UOP launched Envergent Te

venture with Ensyn Corp., to offer technology a

chnologies, LLC, a joint
nd equipment to convert lignocel lulosic

biomass like forest and agricultural residuals to pyrolysis oil for use in power and heating

applications. The joint venture will

accelerate dev elopment efforts to commercialize the

technology for fast pyrolysis and pyrolysis oil upgrading into transport fuels such as green

gasoline, green diesel and green jet fuel.

BIOCOUP is a European consortium of research partners that have formed to evaluat e

the development of co

-processing bio -liquids in refineries. According to a presentation

given at the 2006 European Conference on Biorefinery Research (Solantausta 2006), the

consortiumods

obj ect i v eprocdssing inguger: redugng biocs

eail prodgction
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costs, develop and scale de  -oxygenation technology for upgrading bio -oil, assess the
viability of co -processing upgraded bio  -liquids, optimize recovery and fractionation
strategies for conversion to chemicals, and develop life cycle analysis and scenario analysis.

One of the key barriers for development of the co -processing technology i s that
refineries are unwilling to experiment with processing for small quantities of pyrolysis oil
that may detrimentally affect their catalysts or end produc t (UOP 2005). A typical U.S.
petroleum refinery generates 150,000 barrels per day (bpd), while the total production of
pyrolysis oil is only a small fraction of that amount (UOP 2005).
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3. Production of Biofuels for the Diesel Fuels Market

Biodiesel is cu rrently produced in significant quantities using commercial conversion
technologies. It is also produced in very small operations but these rarely achieve the
efficiency and solvent recycling levels of commercial facilities and will not be discussed here.
The technology is based on transesterification of oils and greases to generate biodiesel ,
technically known as fatty acid methyl ester (FAME) . There are three basic conversion
routes for FAME production: base catalyzed transesterification of oil with alc ohol; direct acid
catalyzed transesterification of oil with methanol; or conversion of oil to fatty acids, followed
by acid catalysis to alkyl esters (EUBIA 2006; NBB n.d.).

Current Technology: FAME

The base -catalyzed transesterification option tendst o be the most economic for virgin
feedstocks and as such is most commonly used to produce esters on a commercial scale.
There are several reasons that favorably affect the process economics, including low
temperature and pressure processing requirement s, high conversion rates (around 98%),
lower reaction times, and direct conversion to methyl esters without producing any
intermediate compounds (EUBIA 2006).
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Fatty Acid to Methyl Esters: Transesterification (Biodiesel)

Acid catalyzed transesterificatio n®" is expected to be the preferred method for

conversion of waste oils, since it is less sensitive to free fatty acids in the feedstock. This
conversion method seems to be more economical than base catalyzed transesterification of
waste oils, which requir  es an extra pretreatment step to remove impurities (Zhang et al.
2003b). Although acid catalyzed transesterification has not yet been optimized for
commercial scale production, it is expected that this reaction method could be available by
2015.

Technolagy Description

Figure 15 illustrates the main process steps for transesterification of vegetable oil.
Before transesterification, the vegetable oils and fats are filtered to remove water and
contaminants. The oil is then mixed with a n alcohol (often methanol, because of its low
cost) and a catalyst (usually sodium hydroxide or potassium hydroxide for base catalyzed
reaction and sulfuric acid for the acid catalyzed process) in a simple closed reactor system
at low temperature and press ure. For base catalyzed process , the molar ratio of methanol
to oil is about 6:1, while for an acid catalyzed process the ratio is about 50:1 (Zhang et al.
2003a). The mixture is left to settle in the reaction vessel for 1 to 8 hours, after which the

% vVirgin feedstocks include vegetable (seed) oils and animal fats.
57 Acid - catalyzed transesterification should be considered distinct from acid -catalyzed esterification, which is a
commonly used pretreatment step in base -catalyzed transesterification. (Cardoso 2008)
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glyc erin and crude biodiesel (methyl esters) are separated. The majority of the alcohol is
recovered from the glycerin by -product and recycled back into the system. The biodiesel is
purified , usually by a washing process , to remove residual catalyst and soap s.

Figure 15 i Schematic Diagram of Transesterification Process
Vegetable Oil

Methanol + ___, | Transesterfication | ——— CrUde [ poining

Catalyst -- Biodiesel
s : l
1 |
: v
! Crude Glycerin Biodiesel
i v
\ | Methanol | e._________ i Glycerin |
i Recovery | i Refining
Arrows show process links Glycerin

Dashed lines for secondary-processes

The purity and yield of the methyl esters are affected by the molar ratio of glycerides to
alcohol, type of catalyst, reaction time, reaction temperature, and the free fatty acids and
water present (Vicente, Martinez and Aracil 2007; Ma and Hanna 1999). % The presence of
water causes soap formation during the reaction, and free fatty acids significantly reduce
ester yields (particularly for base catalyzed reaction). The formation of soap is an
undesirable by -product as it reduces the biodiesel yield and makes glycerol separation more
difficult (Vicente, Martinez and Aracil 2007).

Experiments involving the transesterification of sunflower oil feedstock showed that the
initial catalyst concentration was the most important factor for biodiesel purity and yield.
The catalyst concentration was found to positively affect the biodiesel purity, and negatively
affect the yield (Vicente, Martinez and Aracil 2007). In other words, a higher initial catalyst
concentration produced more pure biodiesel in smaller quantities than a lower catalyst
concentration. Vicente, Martinez and Aracil (2007) also found that higher temperatures
negatively affected biodiesel yield and positiv ely affected the purity.

Although under similar conditions t he acid catalyzed transesterification process has a
slower reaction rate than the base catalyzed process, this can be overcome by a number of
methods including longer reaction times, using a larger quantity or increased concentration
of acid catalyst, or a higher reaction temperature (Zhang et al. 2003a). However, the acid
catalyzed process has not yet been done on a commercial scale.

% Fatty acids can be bonded to another molecule (such as glycerol in triglycerides). Free fatty acids are not
attached to another mol  ecule, and are a type of impurity in oils used for biodiesel production. Ma and Hanna
(1999) note that if oils are not dry and free fatty acids minimal (<0.5%), ester yields may be significantly reduced.
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Performance and Cost Aalysis

Biodiesel has been of int  erest as a substitute for petro -diesel both for reasons of
bio degradability and for its physical characteristics. When burned, biodiesel has been
shown to have reduced particulate emissions and possibly lower NO x emissions. Studies of
NO, production have shown a stronger link between engine type and NO « emissions than
between fuel type and NO , emissions , but biodiesel appears to be at least comparable to, if
not an improvement over, petro -diesel in nitrogen oxide production % Biodiesel has also
proven to be more compatible than petro -diesel with NO , control technologies , due to its
lack of sulfur contamination. Sulfur is a potent catalyst poison that quickly disables NO X
control systems that use Selective Catalytic Reduction (SCR) . Further, biodiesel has  been
shown to be more compatible than petro -diesel with diesel  particulate filters (DPFs) that

control soot emissions (Williams, 2006)

Potential drawbacks to biodiesel as a fuel substitute center on its cold -weather
behaviors, which may include gelling a nd increased viscosity. A reluctance among motor
manufacturers to certify engines for more than 5% biodiesel (B5) in diesel blends has also
inhibited its growth as a diesel substitute. Chrysler and GM have approved blends up to
20% (B20) for some trucks, but Ford, Volkswagen, and Mercedes remain the only auto
manufacturers to certify even B5 for most of their diesel models. ( HybridCars, 2008)

A study by Haas et al. (2006) investigated the economics of a 10 MGY acid catalyzed
FAME facility using virgin oi | feedstock. They found that the largest portion of the capital
cost was storage tanks to hold a 25 day supply of oil feedstock, which made up about 1/3 of
equipment costs. An analysis by Zhang et al. (2003b) showed that the transesterification
reactor ve ssels and distillation columns were the largest portions of the equipment costs,
particularly for the acid catalyzed process (which has a much larger methanol requirement
and requires 2 reactors and stainless steel vessels). However, their analysis did no tinclude
the cost of feedstock storage vessels.

For a transesterification  process es using virgin oil, t  he feedstock is the bulk of the
production costs. For example, in the analysis by Haas et al. (2006), soybean oil made up
88% of the calculated produc tion costs. Furthermore, production cost was found to vary
linearly with feedstock costs, and inversely with market value of glycerol. In their analysis,
Zhang et al. (2003a) showed that the base catalyzed process with virgin oil was the most
simple and h ad the least process equipment, but also had very high feedstock costs. Zhang
et al. (2003b) showed that the economics of acid catalyzed process using waste oil
feedstocks can be competitive with base catalyzed process using virgin feedstocks.

Although t he acid catalyzed process has higher capital and O&M costs, the feedstock is

much less expensive. In their analysis, Zhang et al. (2003b) showed that plant capacity

and feedstock oil price had  the largest effect on production costs of biodiesel for both t ypes
of processes.

Outline for model analysis

% Several studies have examined this question. NREL , inits hig h altitude engine test laboratory , has
performed stationary emission tests on various biodiesels. (Graboski, M.; McCormick, R., 1994) These indicated a
marked decrease in hydrocarbon emissions, but a significant increase in NO x emissions upon s witching from
petroleum - to plant -derived diesels. Later studies by McCormick (2005) found that in engine -alone tests, NOx
emissions increase, particularly in older engines, but that actual vehicle testing shows a modest reduction, rather
than increase in  NOy emissions. There does not appear to be a consensus among researchers whether biodiesel in
practice elevates or decreases these emissions rates.
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The key values and assumptions used to calculate the current technology analysis and

economic performance model for transesterification  are described below. An example of the
detailed analysis is shown in Exhibit F.

f
f

Feedstock type and input quantity are variables. The feedstock options are virgin oil,

animal fats, and yellow grease, and the applicable size range is 1 to 80 MGY.

Biodiesel yield is calculated based on the average of values reported in the lite rature for
each feedstock type (summarized in Table 16). In general, the virgin feedstocks have

higher yields than yellow grease. Reported yields from virgin oil are from 246.2 to 270

gal/ton (90% - 99% conversion on a mass basis), and for yellow grease the yields are

234.9 to 263.2 gal/ton (86% - 97% conversion). °

The conversion efficiency of oil/fat to fuel on an energy basis is estimated to be 88-94%,
depending on the feedstock. This is calculated using an average HHV of oil feedstocks of
16,500 Btu/lb , and a typical biodiesel heating value of 117,000 Btu/gal.

Glycerin is the only significant by -product of transesterification . The average production
rate is 0.8 Ib glycerin per gallon of biodiesel produced f rom virgin feedstocks  (Bender
1999, Haas etal. 2006). These studies refer to the production of a partly purified

glycerol product, which contains about 80% glycerol by mass. Although waste oils may
have slightly higher glycerin yields, this has not been included in the analy sis. The value
of the purified glycerol is estimated to be $0.05/Ib, based on c urrent market price data
from Nilles (Sept. 2006) and personal communication with Leland Tong (National

Biodiesel Board contributor). Note that thisis a variable market and it is difficult to
predict what the product value will be in the future , particularly as more biodiesel
manufacturers come on  -line and glycerin becomes even more plentiful

Annual water consumption is estimatedto be 0.251b per gallon biodiesel produced,
based on data from Haas et al 2006.

Capital cost for base catalyzed transesterification is based on data for a 10 MGY facility
from Haas et al. 2006. The acid catalyzed facility cost is based on equipment cost from

Zhang et al. 2003b for a 2.4 MGY facility, with added cost for storage facilities from Haas
etal. 2006.  Additionally,t he multiplier from Haas et al. (2006 ) was used to calculate
the total capital investment for this facility. Capital cost is scaled using a scaling factor of
0.6, based ond ataf rom Bender (1999).

In general, the capital costs of  acid catalyzed transesterification are estimated to be
higher than base catalyzed transesterification because the process uses a greater
guantity of methanol, which requires more and larger transesterifi cation reactors and a

larger distillation column (Zhang et al. 2003b). Additionally, the acid catalyzed process
is much more corrosive and requires expensive stainless steel process equipment. The

increased methanol requirement and feedstock pretreatment also leads to increased
O&M costs for the acid catalyzed process.
Labor costs are calculated based on data for a virgin oil facility from Haas etal. 2006,

but the operator salary was increased to $20/hr from $12.5/hr based on Antares

experience. Valuesin  Zhang etal. (2003b) suggest that acid catalyzed facilities have
higher labor requirements, so An tares estimated there would be one additional operator
per shift for a 10 MGY facility. > The total labor cost is scaled by facility size, with a
scaling expo nent based on data available for similar types of  facilities.

Annual non -labor fixed O&M costs are calculated as a percentage (2.1%) of the capital

cost, following Haas etal. (2006).

Annual Variable O&M costs include consumables (methanol, sodium metho xide,
hydrochloric acid, sodium hydroxide, and water) and utilities (natural gas, WWT, waste
disposal, and electricity). The annual cost for utilities are calculated on a $/gallon basis

of biodiesel produced, based on data from Haas et al. 2006 for the ba se catalyzed

" Sources: Haas etal. 2006, Sheehan et al. 1998, Zhang et al. 2003a, Canakci and van Gerpen 2001.
™ For co mparison the base catalyzed facility had 2 operators per shift.
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process and Zhang

etal. 2003b for the acid catalyzed process.
based on data from Haas

consumables for both processes is
guantity and price of the methanol and sulfuric acid for
substituted using data from Zhang

1 The levelized non -feedstock production cost
annual operating expenses

fuel produced.

Table 16 i Biodiesel

Feedstock (1)

etal. (2003b).
s for biodiesel are calculated based on the

and capital cost payment , co -product credit, and quantity of

ields for various feedstocks

Yield range
(gal/ton)

Average Yield
(gal/ton)

2" The annual cost  of
etal. (2006). However, the
the acid catalyz ed process are

Sources

Haas et. al 2006, Sheehan et al. 1998, Zhang

Virgin Oil (2) 246.4-270.0 258.2 et al. 2003a, Canakci and van Gerpen 2001
Animal Fats 266.3 266.3 Bender 1999
Yellow Grease (3) 234.9 - 263.2 249.1 Zhang et al. 2003a, Canakel and van

Gerpen 2001

1) All data based on feedstocks with negligible water content.

2) Based on data for degummed soybean oil. High end of the yield range from Haas et al 2006, which assumes a negligible free fatty
acid content in the feedstock.

3) Conversion yield for waste greases based on acid catalyzed reaction. For comparison, the transesterification reaction for virgin
feedstocks use base catalysts.

Model Results :
Some of the key cost and performance results for current FAME production processes
are shownin Table 17 and Table 18. These tables show results for the range of applicable
facility sizes based on selected input quantities, and illustrate the high and low end costs.
In general, the analysis shows that the levelized non -feedstock production cost of biodiesel
for the base ¢ atalyzed transesterification process is significantly lower than the acid
catalyzed process, as expected. However, the feedstock cost will be much more expensive
for the virgin oil transesterification facility (typically waste grease is about half as expe
as virgin oil).

nsive

Table 17 - Example Cost and Performance for Base Catalyzed Transesterification

Facilit
Sample Model Results - FAME Biodiesel w/ Virgin Oil

Feedstock Input (ton/yr) 5,000 310,000
Biodiesel Yield (MGY) 1.3 80.0
Crude Glycerin Yield (ton/yr) 516 32,020
Water Consumption (1000 gal/yr) 39 2,400
Capital Cost (Million $) $ 39| % 46.6
Annual O&M Costs (Million $/yr) $ 0591 % 23.7
By-Product Credit (Million $/yr) $ 0.08]| $ 5.1
Non-feedstock Production Cost ($/gal) $ 078 | $ 0.31

Table 18 - Example Cost and Performance for Acid Catalyzed Transesterification

Facility "

2 Electricity prices have not been updated to reflect current market value as there was not sufficient detail in

the published studies to perform the calculations.
case presented here likely exceeds the amount of waste grease feedstock that
would be aggregated in a single place. The smaller scenario is likely more representative of future facilities. Please

3 Please note that the large

see the feedstock assessment portions of the main body of

this report.
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Sample Model Results - FAME Biodiesel w/ Waste Grease

Feedstock Input (ton/yr) 5,000 310,000
Biodiesel Yield (MGY) 1.2 77
Crude Glycerin Yield (ton/yr) 498 30,880
Water Consumption (1000 gal/yr) 37 2,310
Capital Cost (Million $) $ 6.1] 9% 72.4
Annual O&M Costs (Million $/yr) $ 12| $ 54.0
By-Product Credit (Million $/yr) $ 01] $ 4.9
Non-feedstock Production Cost ($/gal) $ 1441 % 0.72

Outlook

According to USDA AMS (May 2009), the current cost for crude soybean oil is about
36.24 cents per pound ($2.53/gallon), and the cost for biodiesel is around $3.08/gallon
FOB production point. This implies a non -feedstock production cost of $0.55 f or other
chemical inputs and processing costs. This figure is similar to the projections from the
model for small base catalyzed transesterification facilities. The DOE Clean Cities Alternative
Fuels Price reports estimated the January 2009 retail price of B100 at $3.47/gallon. Thus,
roughly40 A/ gal |l on can be attribut ed Haasethi (2a06)éestmatei on and r
a biodiesel production cost of $2.00/gallon for a 10 MGY facility using crude soybean oil at
$1.81 per gallon (23.5  ¢/lb). For a similar size facility using the same feedstock price, the
FAME biodiesel model gives a  production cost of $2.2  0/gal.

The Food and Agricultural Policy Research Institute (FAPRI) 2007 U.S. and World
Agricultural Outlook, projects 2015 soybean oil pr ices will be about $681.40/ton (34.1 ¢/Ib).
Including $10/ton for delivery, this gives production costs of $2.98 - $3.36 per gallon for
biodiesel. " Note that this does not include the cost of distribution, which would be included
in the retail fuel price. Refer to Exhibit E for details on the conversion of oilseed crop s to oil.

Technologies Ready for Commeralization in the Midterm (2015 z 2025)

There are a number of advanced biofuel technologies being developed to produce diesel
substitutes , which may be available in the 2010 to 2025 time frame. In many ways the
variety of approaches mirrors the work on gasoline substitutes , except for research
developing algal biomass as an industrially grown source of feedstocks for biodiesel
production. Algae, as with the lignocellulosic feedstocks , can be an important industrially
grown energy source . In contrast with the seed oils , it is more difficult to convert the bio -oil
in algae to biodiesel as a commercial scale process for removing the oil from algae has n ot
been optimized . Once removed from the cell matter, this oil can be as easily converted to
biodiesel as any conventional vegetable oil.

Cost and performance models for several of the advanced technologies have been
developed. Since the advanced technolo gies do not currently have commercial plants in
operation, these models are based on detailed engineering analysis for commercial scale
plants (typically the projected cost and performance projections for the n ™ plant) available
in the literature. The pro  jected costs are typically accurate intherange of +/ - 25% to 30%.

4 Delivery cost estimated for truck transportation, using $0.20/ton -mile and a 50 mile delivery radius.
Including delivery, the soybean oil price is $2.66/gallon.
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All cost and performance models for the advanced technologies include projections for the
2020 (Mmrdano) ti me period. Model s of other ti me
technologies that had additional projections available in published studies.

Fatty Acids to Renewable DieseExtraction and Hydrotreatment

Green diesel and renewable diesel are some of the terms used to describe a hydrocarbon
fuel produced from biomass oil feedstoc ks, to differentiate it from biodiesel generated via

transesterification. These technol ogies wil/ be termed here

renewabl e Di es Alhaugh(eReabte diesel is produced from vegetable oils and
waste greases, unlike fatt  y acid methyl ester (FAME) biodiesel , this product does not have
oxygen in its molecular structure and can thus be considered a true hydrocarbon

Renewable diesel presents a number of benefits that may lure biofuel s developers into
its commercial produc tion. It can utilize oil feedstocks with higher amounts of free fatty
acids than the FAME transesterification process. Renewable diesel , like FAME, has superior
properties (including low particulate emissions) to petro -diesel , but renewable diesel is
chem ically more compatible (e.g. more miscible) than FAME biodiesel with petroleum -based
fuels, as itis a hydrocarbon fuel (UOP 2005). For example , green diesel typically has less
than 10 ppm s ulfur, has cetane numbers as high as 100, and has cloud pointtem peratures
as low as -30° C (which minimizes cold weather gel issues). And in contrastto FAME
production, there is no glycerin co -product produced, which could become a waste disposal
issue for that industry. While the body of literature on emissions fro m biodiesel is far larger
than that on renewable diesel, the work that does exist hints at a better emissions profile
than for both  conventional petroleum based diesel and FAME biodiesel. Particulates,
hydrocarbons , and CO are all reduced (Climate Change 2006). Renewable diesel can be
produced in petroleum refineries to take advantage of economies of scale and similar
process requirements, which helps mi nimize the cost of production . This has not yet been
proven in practice, as will be discussed later i n this section.

Technology Description

The Fatty Acids to hydroc  arbon renewable diesel T Hydrotreatment (  FADe - H)
production process for renewable diesel in petroleum refineries is very similar to the process
for upgrading pyrolysis oils described above, except that it does not typically involve
hydrocracking. However, the Super Cetane Technology developed by the CANMET Energy
Technology Center (CETC) at Natural Resources Canada does involve a hydrocracking step
to tailor the molecular weight of some of the hydrocarbon compounds. They have reported
cetane numbers exceeding 100 with their technology (Natural Resources Canada n.d.). As
with the hydrotreatment / hydrocracking of pyrolysis oil, upgrading biomass oil feedstocks
can be doneina standalone skid-mounted unit or pretreated and co -processed with
petroleum feedstocks. Schematic diagrams of these configurations are shown in Figure 16.

> This concept of integrating renewable diesel into existing refineries is hamp ered by the fact that, without
expanding the size of the existing refinery, replacing a portion of the crude petro -diesel feedstock with crude
renewable diesel only reduces the potential output of the refinery. Without economic incentives to produce
renew able diesel, or high crude oil prices to disadvantage petroleum as a feedstock, existing refineries are unlikely
to choose such a capacity reduction that will also require additional pretreatment equipment. As will be discussed

later in this section, only alow-cost or fiwaste streamod feedstock I|ike ani mal

price advantage to encourage such a decision.
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Inthe FADe - H process, vegetable oil or animal fat is upgraded using hydrogen gas,

pro ducing diesel and propane or other light hydrocarbons. Some water and CO » are also
released in the process. A heterogeneous catalyst is used for hydrotreatment, which may
often be less expensive than  the homogeneous catalyst required for FAME biodiesel ® (uop
2005). The product distribution is typically 83 -86% diesel and 2 -5% light hydrocarbons by
weight (in terms of incoming biomass) (UOP 2005). By comparison, the FAME process

results in approximately 96% diesel production. This higher biodiesel yield fro m FAME is due

to the retention of oxygen in the product. In hydrotreatment the oxygen is rejected in the
form of CO , or H,O.

Figure 16 i Schematic D iagram of Renewable Diesel Production in Petroleum

Refinery
Stand-Alone Process Co-Processing in Refinery
Biomass Feedstock
Feedstock Crude Vegetable oil
Vegetable oil Animal fats
Animal fats l l
A 4
Pre-treatment
Impurity Removal CrUde ﬁri-:ga SiTnﬁCEtlI
Distillation P |
A + )
Hydrogen —»
Hydrotreater |__, o, Hz = Hydrotreater |__, cOo2
--+ Water --+ Water
'T;L"‘ﬁbm Mixture of Traditional &
— .BI ?L&Og | —> Renewable Diesel for
v slending « sale ; Transport & Sale
Light HC Light HC & other
by-products
Oils and greases ty pically have an oxygen content of 11 -12%, which is much lower than

pyrolysis oils but still significantly higher than petroleum (UOP 2005). As with pyrolysis oil
hydrotreatment / hydrocracking, the acidity of the oils generally means that they must be

pro cessed in stainless steel vessels. This is particularly true for waste greases which tend to
have higher acidity than virgin feedstocks (UOP 2005).

UOP analyzed co -processing in a distillate hydrotreate r for ultra -low sulfur diesel, and
found thatforbr own grease feedstocks Astandard refinery disti
not appear to be suitable for green diesel production in a co -processing WOMheme. 0O
2005, p. 18)  In addition to the potential e ffect on reactor and distillation column metallurg vy
requirement s, co -processing can detrimentally affect catalyst lifetime. This is partly due to
the fact that hydroprocessing conditions for standard hydrotreating for ultra -low sulfur
diesel in refinery favors hydrodeoxygenation, which produces water from biomass
feed stocks and can have a negative e ffect on catalyst activity. UOP (2005) further noted
that although co -processing with brown grease had a positive effect on catalyst in terms of

8 The overall expense of the catalyst is not a function only of its per -gram purchase price, but also of the
quantity requ ired for a given reactor and of the rate of catalyst poisoning. Thus, the relative expense of
heterogeneous versus homogeneous catalysts is a complex question that is very facility -dependent.
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sulfur, higher heat release causes increased deactivation rate wh ich lowered the catalyst
lifetime.

Stand alone, skid -mounted processing of biomass oil and grease feedstocks seems to be
an effective alternative, as it avoids some of the issues caused by co -processing but still has
some benefits from refinery integrati on. In this configuration, biomass feedstocks are first
pre - processed to remove contaminants, typically using some combination of the following:
hydroclones ’*, dewatering, acid washing, ion exchange, desalting, fixed guard bed
catalyst "®. The feedstocks ca n then be hydrotreated with a skid mounted system. A benefit
of a skid - mounted system is the ability to optimize the reaction for biomass feedstocks, so
that the hydrotreatment conditions favor decarboxylation (DeCO2) instead of

hydrodeoxygenation . The De CO2 process removes oxygen from the feedstock as CO 2
instead of water, which can be captured relatively easy. DeCO2 also reduces hydrogen
consumption, as it only requires 0.8 wt% H > Whereas hydrodeoxygenation  requires 3%.

Both skid -mounting and co -proce ssing are potential treatment options in refineries.
Despite the current processing issues, it is likely that with further technology developments

and pretreatment methods, co -processing of waste greases could be an economically
favorable process inthe lo  ng-term. Furthermore, several of the companies developing
renewable diesel refining use co -processing techniques with vegetable oils and animal fats,

which suggests this process may be feasible for virgin feedstocks.

Performance and Cost Aalysis

Outlin e for model analysis
The key values and assumptions used to calculate the technology analysis and economic
performa nce model for stand -alone and co -processing FADe - H processes are described

below. An example of the detailed analysis is shown in Exhibit F.
1 Feedstock input quantity is a variable.
1 Applicable feedstocks are virgin oil, animal fats, and yellow grease. However, f eedstock

choice does not affect the  product vyield in this model . Thet ypical heating value s of the
feedstocks are very similar, ge nerally about 16,500 to 17,000 Btu/lb HHV (US EPA
2001). Although processing of yellow grease feedstocks may lead to higher capital costs
as aresult of additional pre -processing (such as desalting) and different metallurgy
requirements due to higher acid ity , th e potential a dded cost has not been included as it
is expected to be minimal (on the order of  a few percent according to discussions with
industry contacts).
1 The applicable size range for the model is 15 to 200 MGY of renewable diesel, based on
curr ent and planned facility sizes for ConocoPhillips, Neste, and Petrobras. The smallest
facili ty reported by these companies can produce around 1,000 barrels per day of
renewable diesel, and the largest (planned) facility ~ will be able to generate about 12,0 00
barrels per day.
1 Stand -alone FADe renewable diesel vyieldis 86 wt% based on data from UOP (2005) . Co-
processing yieldis 81 wt% based on data for Petrobras H  -BIO system (Petrobras n.d.).
The renewable diesel yields are converted to volume  tric quantities  using a typical
density of 6.5 Ib/gal.

“"The term Ahydroclonedo refers t olidasefamtbmdevicy that useseentrifegalc ycl oni ¢ s
force to remove particulates from a liquid stream.

A guard bed of catalyst, often refer rspahtotiaw -aestcatalydtthatsr i fi ci al bed
used to collect contaminants from a material stream before it flows over the main catalyst bed. In effect, it is low -
value catalyst that is deliberately poisoned in order to prevent the active catalyst bed from being poisoned.
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1 The conversion efficiency of oil/fat to fuel (on an energy basis) is estimated to be 98 %
for skid -mounted and 96% for co  -processing. This is calculated using an average LHV of
oil feedstocks of 16,0 00 Btu/lb , and a typical renewable diesel (lower) heating value of
123,200 Btu/gal.

1 Hydrogen consumption is calculated as a percentage of the feedstock input (by weight).
The stand -alone system favors DeCO2, which requires less hydrogen than the
hydrodeoxygenation  reactio n favored in co -processing. According to UOP (2005), typical
hydrogen consumption ranges from 1.5 - 3.8 wt% of feedstock input. The low end value
is used for the stand  -alone hydrotreatment in the model, while the high end value is
used for co -processing.

1 Light hydrocarbon production is estimated to be 3.5 wt% for standalone process and 4.4
wt% for co -processing , based on input feedstock (UOP 2005, Petrobras n.d.)

1 Water and CO , are also generated during hydrotreatment. The processing conditions for
the s tand alone proces s favor CO, production , while conditions for co-processing
typically produce water. The total amount of CO2 and water produced is calculated as
the difference between the inputs and other outputs, which give r esult s similar to UOP
(2005). "

1 Water consumption data is not included for hydrotreatment processes, as it is assumed
to be minimal.

1 Nearterm c apital costs are based on reported costs of facilities under development from
Neste (stand alone) and Petrobras (co -processing), and ascaling factor of 0. 6.%°

I Midterm capital c osts are decreased based on next generation facility development and a
technology (i.e. cost per gallon capacity) improvement rate of 20% (McDonald and
Schrattenholzer 2002). This rate is similar to that found for ethanol production facilities
and retail petrol processing.

1 Variable O&M costs include utilities and hydrogen. The utility cost is based on data for
pyrolysis oil hydrotreatment from UOP (2005). Annual hydrogen cost is based on
hydrogen consumption and cost data from UOP 2005.

1 Fixed O&M costs include maintenance, insurance, and overhead. These costs are
estimated to be 5.5% of near term capital cost, based on pyrolysis oil hydrotreatment

O&M. No labor cost is added, as renewable diesel production is part of la rger refinery
operation and will not require additional operators.

I The propane/light hydrocarbon co -product value is calculated using the average 2005
wholesale price of $0.93/gal (EIA AER 2005) .81 The estimated added cost for
compressing propane is neglig ible and has not been included. 82

I The levelized non -feedstock production costs for FADe - Hydrotreatment are calculated

based on the annual operating expenses and capital cost payment , co -product credit,
and quantity of fuel produced.

Model Results

Some o f the key cost and performance results projected for the FADe - H processes are
shown in Table 19 and Table 20. These tables show results for the range of applicable
facility sizes based on selected input quanti ties, illustrating the high and low end costs. In
general, the analysis shows that the non -feedstock production cost of FADe - H renewable
diesel via co -processing in a refinery is cheaper than a stand -alone process, as expected.
However, it seems thate  ither method could be used to produce biofuel economically. The

® UOP (2005) estimates that the total water and CO , output is equivalent  to 12 -16 wt% of feedstock input
8 This scaling factor is equivalent to the value used for  pyrolysis hydrotreatment , following UOP (2005).
81 For comparison, the projected value of Liquefied Petroleum Gas is projected to be $1.34 /gal ($633/ton) in

2015 (EI A AEO 2007) .
8 Antares estimates that compressing 17,000 tons per year of propane would cost about $100K/yr, using an
electricity price of 9 ¢/kWh.
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projected non -feedstock costs on a $/gallon basis are competitive with FAME biodi esel, and
the resulting fuel has the blending advantages over FAME that were noted above. Most
importantly, F  ADe can also b e readily integrated into existing infrastructure.

Table 19 - Example Cost and Performance for FADe - Hydrotreatment Stand -Alone
Process
Feedstock Input (ton/yr) 20,000 785,000
Renewable Diesel Yield (MGY) 5.1 200
Light Hydrocarbon Yield (ton/yr) 700 27,475
Capital Cost (Million $) $ 3041 % 274.9
Annual O&M Costs (Million $/yr) $ 251 9% 36.6
By-Product Credit (Million $/yr) $ 04] $ 14.4
Non-feedstock Production Cost ($/gal) $ 1.17 | $ 0.28
Table 20 - Example Cost and Performance for FADe - Hyd rotreatment Co -
Processing
Sample Model Results - FADe Hydrotreatment (co-processing) - mid term
Feedstock Input (ton/yr) 20,000 800,000
Renewable Diesel Yield (MGY) 5.0 200
Light Hydrocarbon Yield (ton/yr) 880 35,200
Capital Cost (Million $) $ 481 $ 43.9
Annual O&M Costs (Million $/yr) $ 15| % 48.9
By-Product Credit (Million $/yr) $ 05] % 18.5
Non-feedstock Production Cost ($/gal) $ 032 3% 0.18
Outlook
The projected 2015 price for crude soybean oil is about $681.40/ton (FAPRI 2007).
Including an estimated delivery cost of $10/ton, 8 the feedstock cost for  soy-based
renewable diesel production is $2.71/gal for a skid -mounted process and $2.77/gal for co -
processing. This gives a total production cost of $2.9 9 to $3. 88 per gallon for stand -alone
and $2.9 5 to $3.0 5 per gallon for co -processing. ® These costs are very similar to the
projected production costs for FAME biod iesel from virgin oil in 2015, which range from
$2.98 to $3.36 per gallon for fa cilities from 1 to 80 MGY (see previous section regarding
FAME for details) ®. For comparison, the national average wholesale price for diesel over

the past year is $2.03 per g allon (EIA July 2007). Also note that the current retail biodiesel
price is about $3.20/gal (USDA AMS 2007).

ConocoPhillips has completed a commercial demonstration of FADe renewable diesel
production at Whitegate refinery in Cork, Ireland, which co -pro cesses vegetable oil with
crude oil. The facility was able to produce 42,000 gallons per day of renewable diesel
product (Green Car Congress 2006). ConocoPhillips has also partnered with Tyson to
develop a facility to process animal fats in the US. This facility was planned for start up in
late 2007, and w as to be able to produce up to 500,000 gallons per day of renewable diesel
(Con ocoPhillips 2007).  The facility was able to begin producing renewable diesel, but the

8 Based on a truck transportation cost of $0.20/ton -mile and a 50 mile delivery radius.

84 The production cost  does not include distribution costs or profit, which are both factored into retail fuel
prices.

8 This would indicate that FAME biodiesel will be competitive in the mid -term with renewable diesel. The key
factors that may lead one fuel to succeed over th e other would be: familiarity to motor manufacturers and
consumers, who may not have dealt with renewable diesel, and the physical fuel characteristics noted above.
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partnership took the plant off -line i n May, 2009, citing the removal of federal subsidies as
making the process uneconomical. (Domestic Fuel 2009)

Neste also has developed a process to generate renewable diesel, using stand -alone
hydrotreatment of vegetable oils and animal fats. Their NEx BTL (NExt Biomass To Liquid)
process was demonstrated at the Porvoo oil refinery in Finland, with a 60 MGY renewable
diesel facility (Neste QOil n.d.). In late 2006 , Neste Oil announced plans to build a second 60
MGY plant adjacent to the first plant to mee t growing domestic demand. In addition , Neste
Oil has another FADe renewable diesel production facility under development with OMV in
Austria. Although the NEXBTL process is stand -alone, it takes advantage of existing refinery
infrastructure for energy, blending, logistics, and laboratories (Koskinen, Nurminen and
Sourander 2005). For example, a refinery -based NExXBTL plant has readily available access
to hydrogen and utilities. Additionally, the renewable diesel can be blended, stored, and
transported w ith petroleum based diesel , Which improves process economics and logistics. 8

The Petrobras H -BIO process uses co -processing of vegetable oils to generate FADe

renewable diesel. Petrobras has tested a range of oils and process conditions, and the
process has a conversion rate of 95% by volume or higher (Petrobras n.d.). Petrobras
planned to have H -BIO process operations in at least 3 refineries by the end of 2007, with a
total capacity to process more than 250,000 tons of vegetable oil annually. Further

implem entation in 2 more refineries was planned for 2008 (Petrobras n.d.). The company
installed H -BIO facilities in four such refineries, but in 2009, in response to increasing
vegetable oil prices, the company reduced renewable diesel production to a min imum

(GreenMomentum, 2009).

Others companies that are currently involved in FADe renewable diesel production
include Nippon Oil in Japan , which expects to have a commercial process within 3 years, and
BP, which in 2007 integrated  a 80,000 gallon per day d  emonstration facility  into its Bulwer
refining facility in Australia. (ConocoPhillips 2007).

One factor that may inhibit these commercialization efforts is the lack of an ASTM
standard for renewable diesel blending. The D975 and D396 standards that govern
petroleum diesel and heating oil have only been extended to include FAME biodiesel, and
not yet FADe renewable diesel. FAME biodiesel has also been assigned an ASTM standard
(ASTM D 6751), where FADe has not. Another possible drawback is the improved
compatibility of FAME biodiesel over petro -diesel with particulate emissions controls
(Williams, 2006). Because FADe is chemically much more similar to petro -diesel than to
FAME, it would likely demonstrate worse compatibility than FAME with such control
te chnologies.

The chemical similarity of FADe diesel to petro -diesel also means that it is likely similar
in toxicity . As petro -diesel is more toxic by ingestion and skin exposure than is FAME
biodiesel, this could indicate that FAME is less acutely toxic than renewable diesel.

8 NExBTL diesel is compatible with existing fuel logistics and vehicles, and meets diesel fuel standards in all
properties except density, which is about 780 kg/m % (Neste Oil n.d). As such, the density value is the only blending
constraint and limits blends of NExBTL product to 65% by volume (Koskinen, Nurminen and Sourander 2005).
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Lignocellulosics to Middle Distillates: Fischer Tropsch

Fischer Tropsch (FT) synthesis is a method of generating hydrocarbons from gaseous

mixtures of COand H , using a metal catalyst. This process has been known since the ea rly

19006s, and the first commerci al pl ant was built by Sa:
syngas). FT synthesis produces a range of hydrocarbon products, and a large amount of

heat from the highly exothermic reaction. The distribution of products generated from FT

synthesis is affected by reaction temperature and pressure, input syngas composition, and

catalyst type and composition. Among many other products, FT can be used to generate

diesel and gasoline fuels. Although the FT process is relativ ely well characterized, there has
not been a lot of analysis or testing with biomass feedstocks.

Technology Description

The general steps for the Lignocellulosic (Feedstocks)  to Middle Distillates T Fischer
Tropsch (LCMD 1 FT) process are shown in  Figure 17. As typical for gasification processes,
the biomass must first be sized and dried for use (see detailed gasification description in the
discussion of thermochemical synthesis of ethanol, above). After gasification, impurities
such as particulates, sulfur, and tar must be removed from the raw syngas. The amount of
gas clean -up required will depend on the type of process and economics. However, this is a
very important step in the LCMD - G/FT process, as the FT catalysts (Iron (Fe) or Cobalt
(Co)) are extremely sensitive to chemical poisoning by sulfur, as well as by halides and
nitrogen.

After clean -up, the syngas is then sent to either a Low Temperature (200 -240°C) or a
High Temperature (300 -350°C) FT reactor (Spath and Da yton 2003) . Reactor pressures are
generally 145 -580 psi (Spath and Dayton 2003) . Low temperature synthesis typically uses
Co catalysts, and is used to maximize the diesel fraction of the product, while high
temperature synthesis uses Fe catalysts and maxi mizes gasoline production.

There are four types of reactors that have been used commercially, including:

1 Multi -tubular fixed bed , also known as the ARGE reac  tor. Thish as conversion
efficiencies around 70%, and the products are about 50% wax.
9 Circulat ing fluidized bed , such as the original Synthol reactors which produce high

fractions of gasoline and light olefins. These reactors are complex, and the circulating
bed material causes considerable erosion which leads to high O&M costs. They have
reached design limit for capacity at 7,500 bpd.

1 Fixed fluidized bed , or Sasol Advanced Synthol reactor, which has replaced the older
Synthol reactor. It is half the size and cost for same capacity as the Synthol reactors,
and has lower operating costs. Size limi tis 20,000 bpd.

1 Fixed slurry bed reactors, which are low temperature reactors optimized for wax
production. They cost less than tubular reactors, but have only recently been used for
commercial FTS. Separating the wax from the catalyst can be a challeng e.

Temperature control is critical in the reactor, as it affects the product distribution and
can harm the catalyst. In addition to the chemical poisoning mentioned above, ¢ atalysts
lose activity due to sintering, carbon deposition, and oxidation. Furth ermore, reactor
temperatures above 400°C encourage methane formation, an unwanted gaseous product
(Spath and Dayton 2003)
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The off -gas produced from the FT reactor can be diverted and recycled back through the

reactor to generate additional hydrocarbon pr

oducts, or it can be used to generate

power/steam (not shown in the figure). Product liquids generated from FT synthesis are
upgraded using a combination of hydrotreating, hydrocracking, hydroisomerization, and

then separated.

Figure 17 i Schematic D
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Fischer Tropsch synthesis is characterized as a polymerization reaction with stepwise
chain growth. The primary reaction that occurs during syn
FT Synthesis Reaction: CO + 2H

(8)
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Based on figure in (Spath and Dayton 2003)
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The T CH,-- is a building block for hydrocarbon chains. A secondary reaction occurs when Fe
catalysts are used, Water

WGS Reaction:
9)

The combination of these reactions gives the net overall reaction for Fe catalyzed FT

synthesis:

CO+H

- Gas Shift (WGS).
20 A H, +CO,

2CO+H , A - CHp- +CO,

The syngas entering the reactor needs to have a H
catalyst, and 1.7 for an iron cata

of the syngas can be altered by changing the gasification conditions, or by processing the
syngas after clean -up via WGS, CO , removal, or methane reforming (which converts

methane with steam into C

O and

H 2).

Gasoline

(10)

»/CO ratio of 2.15 for a cobalt
lyst (lower because of the WGS reaction). The composition

It is clear that FT catalysts are a very important part of the synthesis. Co catalysts tend
to last longer than Fe, and they have better carbon conversion to products, since there is no
major impact from the secondary WGS reaction. Additionall
pressures as Fe, which equates to lower operating costs. However, Fe is attractive because
it is much less expensive than Co (approximately 200 times cheaper).

The product selectivity from FT synthesis
chain growth versus chain termination.
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Tropsch reaction always produces a range of olefins, paraffins, and oxygenated compounds

like alcohols, aldehydes, acids, and ketones. On ly methane and paraffin wax can be

produced with very high selectivity (Spath and Dayton 2003). The maximum gasoline
product fraction selectivity is 48%, while for diesel the maximum is about 40% (Spath and
Dayton 2003)

Performance and Cost Aalysis

The LCMD - G/FT performance and cost model has been developed primarily based on
recent work Antares performed for US DOE and NREL (Antares 2003a, Antares 2003b, and
Antares 2003c). In this analysis, Antares developed process models, capital costs, and O&M
costs for several FT systems with varied size and technology types. One of the commercial
scale systems modeled previously was selected for use as the basis for mid -term (2015)
LCMD - G/FT technology in this analysis.

The defining characteristics of the configuration are the gasifier, FT reactor and steam
reforming system. The selected configuration uses an air -blown, indirect, atmospheric
gasifier, which is represented by the BCL/FERCO gasifier (abbreviated as BCL). After
cleaning and conditioning, th e compressed syngas is processed in a steam methane
reformer (SMR) to convert much of the hydrocarbons to carbon monoxide and hydrogen.

The syngas then undergoes a shift reaction to produce an H » to CO ratio of about 2:1. This
configuration uses two (Ilo  w temperature) fixed bed FT reactors with Co catalysts. Each

reactor has a CO conversion of about 42%, so that the overall conversion is 66%. Two

reactors are used in this process to increase the yield of FT -liquids, as recycling is not an
effective opti on for air -blown gasifiers. The unconverted syngas is used for electricity and

heat production in a combined cycle power plant. The FT -liquids produced in the reactor are
hydrocracked and undergo primary distillation before they are sent to an off -site r efinery.
The final products are distillate and naphtha . A diagram showing the major components

and process flows for this system is shown in Figure 18.

In general, the total capital investment for cases involving SMR is greater than that for
the cases involving  an alternative reforming process, autothermal reforming ( ATR).
However, it is important to realize that the reformer choice affects O&M costs. Relative to
ATR, the use of SMR increases FT liquids production and boosts exp ortable power revenues,
thus resulting in lower total O&M costs on a $/bbl basis.

The overall process efficiency of this system including electricity and steam production is
58% on LHV basis (Antares 2003a). For this configuration of the LCMD - G/FT proc ess,
about 73% of the energy produced is embodied in the FT liquids (C5 and larger
hydrocarbons ), and the remainder is exportable power. 88

8 Note that although SMR has higher capital costs then autothermal reforming (ATR), it is also more efficient.

ATR is currently the only practical reformer to use for biomass -derived syngas, but it is expected that STR
reforming could be available for use by the mid -term period. An optimistic view of SMR is used in the model.
8 BIG-FT stands for Biomass Integrated Gasification 1 Fischer Tropsch.

78

87



Biofuel Conversion Technology Characteristics

Figure 18 i Basis for Mid

-Term LCMD - G/FT
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Biofuel Conversion Technology Characteristics

Outline f or model analysis
The key values and assum  ptions used to calculate the advanced technology
analysis and economic performance model for Fischer Tropsch synthesis  are
described below. An example of the detailed analysis is shown in Exhibit F.
1 Feedstock type and inp  ut quantity are variables. Applicable feedstocks include
woody and agricultural residues.
1 This model is applicable for facility sizes with greater than 185,000 dry ton
biomass input per year, based on Tijmensen, Faaij and van Hardeveld (2002 ).
1 Yield of FT liquids are calculated based on the LHV conversion efficiency. As
different feedstocks have distinct heating values, the feedstock choice affects the
amount of FT liquids produced. The conversion efficiency for distillates and
nap htha has been calcula ted in Antares 2003a. For the selected system, LHV

efficiencies for the products are 30.4% for distillates and 12% for nap htha.
This leads to a total energy conversion efficiency of 42% for the process.

1 The FT liquids produced from this configuration hav e estimated heating values
(LHV) of 125,684 Btu/gal for the distillates and 115,263 Btu/gal for the nap htha.

1 The amount of electricity generated is calculated to be about 560 kWh per barrel
of FT liquids produced, following Antares 2003a.

1 Annual water co nsumption is equivalent to about 33,500 thousand gallons for a
facility with a feedstock input of 700,000 dry ton per year, based on data from
Antares 2003a.

I Capital cost data is based on values for a commercial facility with a biomass input
of 80 dry ton  per hour (about 700,000 ton/yr) from Antares 2003c. The scaling

factors are 0.74 for a biomass input from 185,000 T 750,000 dry ton/yr, and
0.91 for a biomass input greater than 750,000 dry ton/yr, following (Tijmensen,
Faaij and van Hardeveld 2002). %

1 Annual non -labor fixed O&M costs are calculated as a percentage (2.3%) of the
capital cost, following Antares 2003a. Maintenance and repair accounts for 2% of
the cost based on capital investment, and the operating supplies are estimated to
be 15% of the tota | maintenance cost.

91 Labor costs are calculated based on the number of people required to operate the
facility, with an assumed current labor rate of $82,000 per year per employee
(including fringe  and benefits). The base labor requirement for a facility w ith
700,000 ton/yr biomass input is $5, 660 ,000/yr. This cost is scaled by facility
size using a scaling factor of 0.25, as in (Tijmensen, Faaij and van Hardeveld
2002).

1 Annual Variable O&M costs include steam, water, wastewater treatment, ash and
catalyst disposal, consumables, and FT catalysts. These are calculated on a
$/gallon basis of the FT liquid products, following Antares 2003a.

1 The co -product credit for electricity is based on the net electricity available for
export and a current electricity val ue of $0.0 797/kWh (based on the 2008
average wholesale price of electricity for industrial sector from EIA 2009). The
co-product credit fornap  hthais estimatedtobe $  76/bbl, based on average
market data over 2008 from Plastemarte (2008 ).**

8 These yields were calculated using the Anderson -Schulz - Flory (ASF) theory to model the FT product
distribution (Antares 2 003a). For the cobalt catalyst the chain growth probability is assumed to be 0.93,
which corresponds to a C5+ selectivity of 94.9%.
% "When scale is between 100 and 400 MWth the overall scaling factor for the entire plant (with
respect to overall totali  nvestment costs) is approximately 0.74. When capacities go beyond 400 MWth,
the average scaling factor increases to 0.91" (Tijmensen, Faaij and van Hardeveld 2002, p. 143)
1 The market value of naphtha averaged $720 per tonne in 2008 (Plastemarte 2008).
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Biofuel Conversion Technology Characteristics

1 Thelevelized non -feedstock production cost for the FT distillates are calculated

based on the annual operating expenses and capital cost payment, co

credit, and quantity of fuel produced.

Model Results

Some of the key cost and performance results projected f

shown in Table 21. This table shows results for the range of applicable facility sizes
based on selected input quantities, and illustrates the high and low end costs. The
applicable facility size, and the high end
was selected to show a reasonable range of sizes and costs. In general, the analysis
shows that the non  -feedstock production cost of distillates from FT synthesis is fairly
expensive. However, the co-product cre dit (for naphtha & a co-distillate 6 and
electricity generated from off -gas) is a critical factor and can have a significant effect

low end feedstock input shows the minimum

on the production costs.

Table 21 - Example Cost and Performance for Fischer Tropsch Facilit
Sample Model Results - Fischer Tropsch Synthesis w/ Poplar

-product

or LCMD - G/FT are

Feedstock Input (dry ton/yr) 185,000 1,500,000
FT Distillate Yield (MGY) 75 61
Naptha Yield (MGY) 3.2 26
Electricity Production (MWh/yr) 142,940 1,158,980
Water Consumption (1000 gal/yr) 8,860 71,800
Capital Cost (Million $) $ 2948 | $ 1,595.2
Annual O&M Costs (Million $/yr) $ 11,7 $ 68.0
By-Product Credit (Million $/yr) $ 1781 $ 144.1
Non-feedstock Production Cost ($/gal) $ 4341 % 2.22

Tijme nsen, Faaij and van Hardeveld (2002) project the cost of FT
$3.18 /gal for an 80 tph facility (about 700,000 dry ton per year).

of FT -distillates from the model for a similar sized facility using a feedstock cost of
$44 .66/ dry ton for poplar is $3.65 /gal. Although this result is slightly higher than
the cost suggested by Tijmensen et al. (2002), these results cannot be directly
compared as the FT -liquids from the model are separated into components. In the

conversion techno logy model, the nap  htha is sold as a lower value by

value of about $1. 77 /gallon.

-liquids is about
2" The production

-product, at a

Outlook

There has been a lot of research and development of FT synthesis technologies.
Sasol has several commercial FT plants in South Africa that use coal an d crude oil
feedstock. Sasolébés first FT plant was built
more were built in 198006s. These facilities
Synthol reactors, which have much lower O&M costs than the original Synthol
react ors.

Two other plants became

operational i

feedstock. The Mossgas plantis a Fischer Tropsch facility  in South Africa that
produces 1.1 million tons/yr of FT products (Spath and Dayton 2003). Shell
commissioned a plant in Malaysia in 1993 which

FT products.

92 Production cost converted to 2008$ using CEPCI.
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Biofuel Conversion Technology Characteristics

Black Liquor to Biofuels: Gasificatiomnd Thermocatalysis

Technology Description

Pulp mills may already be classified as biorefineries. However, enhanced pre -
proc essing and treatment of byproducts may allow these facilities to expand their
product slate. By adding either finished biofuel s or important intermediaries, these
established mills can increase the value of the incoming feedstock and leverage
substantial p rocessing and handling infrastructure.

Paper can be made in different ways: from completely fresh woody material,
from recycled paper material or a combination thereof. Since the second path is

purely reprocessing of material, the following discussion wil | concentrate on the
production of paper from fresh woody material. This material comes to the paper

mill in the form of whole logs. Both bark and wood consist of three basic long -chain
compounds: hemicellulose, lignin and cellulose. Of these three compon ents, it is the
cellulose that forms the largest portion of paper. The paper making process can be
properly viewed as a pathway for stripping cellulose material from lower -value
hemicelluloses and lignin, while using these byproduct materials in ways to ex tract

from their maximum value.

Traditionally, paper mills fall into one of two major types: Kraft mills (over 80%
of the paper mills in the U.S.) or mechanical mills (EPA, 1990). A Kraft mill applies

Awhite liquor, 0 a hot sol ut hydroxidednd sodiumsculfidet r at e d

to wood that has been stripped of bark and chipped. This chemical digestion breaks
down hemicellulose and lignin while leaving cellulose fibers largely intact. The
process typically lasts  one to three hours. Mechanical liqui ds/solids separation with

screens or sweeps is then used to remove Abl

hemicellulose and lignin dissolved in a caustic solution of sodium sulfate and sodium
carbonate. This is concentrated through evaporation and then burned to provide
heat to the energy  -intensive digesters. Regenerated sodium hydroxide and sodium
sulfide are recycled to the digesters. (Amidon, 2008)

sodi ur

The digested wood chips, now fibrown stock, o0 are
tank of water, where the cel lulose fibers expand and are rinsed of contaminant black
' iquor. This fAibrown stockd i s -likeprodbcts.derthenat er i al f

production of pure white paper a bleaching step will follow. Bleaching can reduce
stock mass by as much as 5% an d reduce cellulose fiber strength by reducing the
amount of lignin bound to cellulose (PTF, 1995). Either white or brown stock is

made into paper and cardboard respectively by blown extrusion onto wire mesh and
subsequent drying and pressing.

Mechanica | mills , which do not attempt to remove the lignin from the cellulose
fraction, process the wood fibers by grinding wood chips with refiner plates, usually
after a steam treatment step to expand the fibers and make them less resistant to
tearing. Thisis extremely energy intensive, and produces more physical cuts in the
cellulose fibers , which decrease the strength of the pulp when used in paper.
Modern mills consume about 2600 kWh per ton of pulp product (Paprican, 2008).
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Biofuel Conversion Technology Characteristics

Figure 19 - Conventional Kraft Mill Process Design

Although several types of biorefining have been proposed, each one exploits the
same idea: that hemicellulose and lignin are worth more as co -products than for
their simple heating value. Hemicellulose co mprises between 19 and 32% of the
mass of de -barked wood chips, lignin 22 -31%, and cellulose 40 -45% (Ragauskas,
2005). This means that less than half the input mass can be converted into pulp
products 0 nearly as much is currently burned for its fuel value. There are a large
variety of technology routes to better utilize hemicelluloses and lignin, but one
representative technology that has been considered in detail is highlighted below.
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